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Abstract 

 

Bioreactors are designed to provide enabling conditions for the controlled growth of 
microorganisms, such as good heat and mass transfer, aeration, hydrodynamics, geometry for 
adequate gas holdup, pH and foaming control, conditions for optimal substrate consumption 
and product formation, as well as mechanisms for monitoring microbial conditions. 
Additionally, bioreactors are designed to handle stress that would be exerted on them by the 
weight of the fermenting media and by the high pressure used for sterilisation. Bioreactors are 
usually constructed with materials such as stainless steel, carbon steel and borosilicate glass, 
which must be suitable for growing the fermenting microbes, be inert and corrosion proof. In 
this thesis, a textile-based bioreactor was designed and developed for aerobic and anaerobic 
fermentation-based production processes with emphasis on mixing, mass transfer, temperature 
control, rheology, hydrodynamics and stress containment in the bioreactor.   

Temperature control was carried out using a heat control tubing either at the bottom of the 
bioreactor or as a heating jacket around its vertical height. The developed temperature control 
system was tested anaerobically and aerobically. Under anaerobic conditions with yeast it 
resulted in 200 % increase in ethanol productivity in comparison with the prototype without 
temperature control.  

A mixing system was developed for flocculating microbes and tested for anaerobic 
fermentation processes such as ethanol and biogas production. The developed mixing system 
led to the elimination of mass transfer limitation even at 30 times less bulk flow conditions. 
The mixing system also favoured stable bed formation, and the possibility of operating the 
bioreactor at a dilution rate above 1/h for ethanol production using flocculating yeast. A mixing 
system was also developed for aerobic fermentation and it led to improved media rheological 
and hydrodynamic performance of the bioreactor for fungi fermentation. The improved 
performance could be seen from minimised foam formation and stabilisation at an aeration rate 
of 1.4 VVM on a viscous, integrated first- and second-generation ethanol substrate with an 
initial viscosity of 93 cP.   

The stress that would be exerted on the bioreactor when used for large-scale applications was 
simulated and validated at laboratory scale. For 100–1000 m3 bioreactor, the tension per unit 
length that would be exerted on it would be between 300–20000 N/m.  

In this thesis, it was found that the use of the developed textile bioreactor was effective in 
reducing the fermentation-associated investment cost by 21 % or more, introducing flexibility 
and addressing several technical problems associated with both anaerobic and aerobic 
fermentation-based production processes.  

Keywords: bioethanol; biogas; bioreactor; bioreactor design; techno-economic analysis; 
membrane stress analysis; mass transfer; hydrodynamics 
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Insight 

 

From when I was young, I always loved making or doing practical things that would positively 

affect me and those around me. When I was in secondary school (high school), I joined a club 

called junior engineers scientist and technologist (JETS) club. We worked on different science 

projects back then; it was interesting using carbon dioxide to turn lime water milky etc. Back 

then I believed that it was possible to have smart or portable production facilities and various 

green energy sources that one could turn on or off at will (perhaps I watched way too much 

Dexter’s Laboratory animation). This desire was part of why I chose to study Chemical 

engineering at bachelors and masters level. I knew I needed to get a doctorate to get good 

understanding of how to conduct research in Chemical engineering which is what led me to the 

University of Borås in Sweden. 

When I discussed with Professor Mohammad Taherzadeh about doing a PhD with him, he 

suggested the development of a portable bioreactor made with textile-based material for 

bioethanol and biogas production. I was more than happy to accept it as it aligns with what I 

like doing. That was how my PhD journey started. My first task was to develop the bioreactor 

for producing bioethanol using baker’s yeast. I reviewed literature and knew that I had to 

include basic bioreactor features including a means for temperature control and mixing for the 

bioreactor to work properly (Paper I).  

The findings from the first bioreactor design were promising, and so I knew it would be 

interesting to see if the first basic design in which mixing is carried out with recirculation would 

be sufficient for fast-settling microorganisms. This was important to me because I knew it could 

mean that a smaller bioreactor volume could achieve improved productivity. I did some mass 

transfer calculations and found out that I needed to design a mixing system inside the 

bioreactor. I did this and found out that I could increase bioethanol productivity, reduce 

fermentation time and increase product yield by using the mixing system inside the bioreactor 

(Paper II). Similar observations with improve bioreactor performance were obtained for 

aerobic fermentation (Paper VI).  
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To carry out an effective design, it is important that certain data critical for the design 

calculations are available. When some of the data are not available, a kinetic study comes in 

handy (Paper IV). Using the data from the kinetic study, the mixing system in the textile-based 

bioreactor was developed for aerobic applications. Interestingly, the bioreactor performed 

better than a laboratory-scale airlift or bubble column bioreactor as evidenced by minimised 

foaming under high aeration rates (Paper VI).     

As promising as the results from designing and developing the textile-based bioreactor has 

been, I know that cost and safety among other factors are paramount if the bioreactor is to find 

applications where it matters the most in the real world (not in the lab). Therefore, an economic 

evaluation of the profitability of using the textile-based bioreactor as a means for handling solid 

waste from farms at small, medium and large scales via dry anaerobic digestion over other 

conventional methods was performed. The economic evaluation showed that using the 

bioreactors for dry digestion was very economical (Paper V). In addition, the level of safety 

of the bioreactor particularly for medium- to large-scale purposes was reported in Paper III. 

In conclusion, there are some success stories from this PhD study but they did not come without 

several failures, hardship or sacrifices which I choose not to mention here. Those challenges 

were strong but my desire to excel was stronger. I know I have not yet achieved my ambition 

of contributing to the widespread adoption of portable reactors for energy production but I am 

getting closer to it.  

 

Osagie Alex  
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Nomenclature 

 

ACE Annual capital expenditure 

AD Anaerobic digestion 

APC Annual production cost 

CE Capital expenditure 

COD Chemical oxygen demand 

CSTR Continuous stirred tank reactor 

DO Dissolved oxygen accumulation rate 

IRR Internal rate of return 

NPV Net present value 

OC Operating cost 

OTR Oxygen transfer rate 

OUR Oxygen uptake rate 

PBP Payback period 

POME Palm oil mill effluent 

qo  Specific oxygen uptake rate  

TS Total solid 

VFA Volatile fatty acids 

VS Volatile solid 

VVM Volume per volume per minute 

WC Working capacity or liquid volume fraction 
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1. Introduction 

 

Fermentation, the breakdown of organic substrates such as monosaccharides, amino acids, and 

glycerol [1] by microorganisms to generate different acids, alcohols and gaseous by-products 

[2] usually in the absence of inorganic electron acceptors like nitrate, sulphate or oxygen [3] 

has long been known to man. Fermentation-based production offers several benefits over 

chemical production such as lower energy requirement and the use of renewable and sometimes 

cheaper raw materials; besides, certain products are best produced via fermentation [4]. Current 

examples of fermentation-based products include antibiotics, biofuels, amino acids, 

biopharmaceutical drugs, enzymes, proteins, biopolymers, microbial biomass and food 

flavours.  

Despite the benefits of fermentation-based production, the design of fermentation equipment 

before the twentieth century was mostly empirical without the applications of chemical 

engineering principles like heat or mass transfer [5]. This led to difficulties in translating 

fermentation technologies like penicillin production to industry scale [6]. Overcoming the 

challenges in industry-scale penicillin manufacture by the application of chemical engineering 

principles in fermentation vessels (subsequently referred to as bioreactors) has been a crucial 

aspect that highlights the importance of structured design when making bioreactors.  

Over time, several bioreactor designs such as continuous stirred tank bioreactors, bubble 

column and airlift bioreactors have emerged to address the technical challenges of 

fermentation-based production. Despite this, still several challenges associated with 

bioreactors exist such as the high cost of conventional bioreactors and the lack of flexibility in 

the applications of some bioreactor designs (for example, some bioreactor designs are not 

suitable for combined application for fermentation processes with high mass transfer limitation 

and shear-sensitive microorganisms) [7]. To address some of these challenges, for the last few 

decades, several biopharmaceutical and protein production facilities have started using single-

use bioreactors made from polymeric materials as bioreactors due to the high investment and 

operational cost associated with conventional stainless steel-based bioreactors [8]. The use of 

this kind of bioreactors has minimised the need for other bioprocessing equipment, leading to 

over 60 % reduction in the fixed capital cost of plant-based bio-production facilities [9]. 

However, these single-use bioreactors have limited applications for several reasons such as 
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these bioreactors have a limited scale of application (can only be used below 2 m3 on its own), 

are not suitable for continuous production and can be easily damaged [8]. Hence, the need for 

improvements in bioreactor technology to boost the economics and productivity of 

fermentation-based production still exists.  

The need for the introduction of a new bioreactor design that addresses the challenges of high 

cost, process flexibility, ease of operations, and small-, medium- and large-scale applicability 

was the driving force for the introduction of the textile-based bioreactor. The design and 

development of this novel bioreactor was the basis of this study, and bioethanol and biogas 

production were the fermentation-based production investigated in this thesis. 

 

1.1 Aim of the study 

 The aim of this thesis was to introduce bioreactor features in the textile bioreactor vessel so 

that the textile-based bioreactor can be used in a cost-effective way while also achieving safe 

and efficient production of fermentative products. This was done using bioethanol and biogas 

as examples of fermentation-based products, with emphasis on five main areas: 

1. The introduction and development of a temperature control mechanism for effective 

heat transfer in the textile-based bioreactor (Papers I, II, V and VI) 

2. Overcoming mass transfer limitation associated with aerobic and anaerobic 

fermentation processes (Papers II, IV and VI) 

3. The introduction and development of a mixing system in the bioreactor for both aerobic 

and anaerobic applications (Papers I, II and VI) 

4. Good fluid flow rheology in the bioreactor and vessel geometry suitable for adequate 

gas holdup time (Paper VI) 

5. Ensuring safety in the application of the bioreactor particularly for medium- to 

large-scale purposes (Paper III)   
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1.2 Thesis structure 

This thesis consists of seven main chapters as follows: 

❖ Chapter 1 introduces the thesis, its aim and structure. 

❖ Chapter 2 introduces flexible and deformable vessels referred to as collapsible tanks, 

their benefits and applications. It presents a platform for the introduction of the textile-

based bioreactor as a bioreactor with all the benefits of collapsible tanks. 

❖ Chapter 3 talks about bioreactors, their historical development, challenges of 

conventional bioreactors and chemical engineering theories and concepts needed for 

efficient bioreactor design and operations.  

❖ Chapter 4 discusses the main bioreactor features that were designed, introduced and 

developed for the textile-based bioreactor for its efficient application in aerobic and 

anaerobic fermentation processes. It also gives some perspectives on bioethanol and 

biogas production. 

❖ Chapter 5 presents the summary of findings from the economic studies performed using 

the textile-based bioreactor for ethanol and biogas production. 

❖ Chapter 6 discusses about the safe application of the textile-based bioreactor 

particularly at medium and large scales.  

❖ Chapter 7 gives the summary of findings and future recommendations. 

 

1.3 Social and ethical reflections 

The overall goal of research is to find out ways of making life better for mankind. This thesis 

adopts this idea. If we take biofuel production as an example, the cost of biofuel production is 

a leading challenge associated with the use of biofuels [10]; hence finding economic ways of 

producing biofuels would make the benefits of using biofuels to be fully appreciated and 

realised and using cost-effective textile-based bioreactors would help in addressing this 

challenge. In addition to this, the flexibility as well as the ease of transportation and installation 

of the bioreactor mean that it can reduce project completion time, introduce flexibility in 

fermentation-based production and aid the setting up of fermentation processes in areas of the 

world where there is lack of technical expertise needed for operating conventional bioreactors. 

These benefits could lead to the creation of more jobs, improved standard of living associated 

with increased production of fermentative products and reduction in environmental emissions 
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that would come from the reduced dependence on technologies that are not environmentally 

friendly. Further, when the bioreactor is used for biogas production in households, the produced 

biogas can be used for cooking, thus reducing health issues associated with old-style cooking 

methods used in rural areas.  

  

 

5 
 

2. Collapsible tanks  

 

2.1 Collapsible tanks – portable and flexible storage 

Over time, the need for storage, transportation and containment have led to the use and 

development of tanks. Conventionally, tanks are rigid and have a definite shape once installed. 

However, certain applications which require easy installation, portability, flexibility and short-

term applications have led to the introduction of collapsible tanks [11]. Collapsible tanks, also 

called pillow or bladder tanks, are vessels made with light, easily deformable and flexible 

materials such as reinforced PVC, thus giving them a naturally deformable shape defined by 

the nature of the material contained within them [12, 13]. The benefits of collapsible tanks over 

rigid tanks include ease of transportation, ease of setup, portability, relatively less cost, ease of 

utilisation and multiplicity of application [11, 14-16]. The main drawback of collapsible tanks 

in comparison with rigid tanks is that they are prone to failure due to the low material strength 

of the polymers used for making them or from the separation of their material of construction 

where they are welded or joined together.  

 

2.2 Applications of collapsible tanks 

The benefits of collapsible tanks over rigid tanks have led to the application of collapsible tanks 

to small- and medium-scale processes [9]. Collapsible tanks are used for several applications 

such as specialised space-based applications, aviation-based applications, military 

applications, air bags in vehicles, waste storage, fuel storage, water storage, chemical storage 

and, more recently, as bioreactors (Paper I–III,V) [15-19].  

In addition to the previously mentioned benefits of collapsible tanks in section 2.1, an important 

distinguishing feature of collapsible tanks is that they can be designed for use in 

non-conventional or customised applications. For example, they can be used in regions where 

there is space limitation, locations where access is limited or difficult and where the available 

space has an unusual geometry. An application of collapsible tanks for storage for up to 80 m3 

with space limitation is shown in Figure 2.1a. Other applications of collapsible tanks are shown 

in Figure 2.1.  
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Figure 2.1: Applications of collapsible tanks for different purposes in (a) a commercial facility with space 

limitation, (b) a food storage facility, (c) transportation and (d) a chemical production facility. Reproduced with 

permission from Waterplex Australia1. 

 

2.3 Design of collapsible tanks 

Collapsible tanks are designed with an overall goal of meeting the requirements of their end-

use application. Some of the key considerations before the fabrication of collapsible tanks are 

the area they will occupy, the properties of the material that would be contained in the 

collapsible tanks, the duration for which they will be used, the pressure or stress that would be 

exerted on the collapsible tank, and the external and internal environmental conditions at which 

they will be used (Paper III) [20-23]. The material used for constructing collapsible tanks is 

                                                            
1 http://waterplex.com.au 
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usually joined together using different techniques like hot air welding, hot bar welding and, 

more recently, using adhesives to form the final product [24, 25]. When the collapsible tank 

has been formed, its natural morphology when filled with a fluid is similar to that of a pillow; 

hence, they usually called pillow tanks.  

Sometimes, the fluid or material that would be contained in the collapsible tank exerts high 

tension on the joints of the collapsible tanks. To overcome this challenge, particularly at 

medium scale, the joints are usually framed or extra self-support is added to the collapsible 

tank using self-reinforcement of the fabricating material (Figure 2.1 A). Additionally, the 

natural pillow morphology can be changed by using different methods like having metallic 

reinforcement at the joints of the construction material, putting the collapsible tank inside a 

rigid material to give the shape of the material or using adhesives to join the material of 

construction to the desired shape (Figure 2.2).   

 

 

Figure 2.2: Collapsible tanks with shapes different from the natural pillow shape. Images are reproduced with 

permission from Waterplex Australia1 and FOV biogas India2. 

                                                            
1 http://waterplex.com.au 
2 fovbiogas.com 
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2.4 Introducing collapsible tanks as bioreactors 

A reactor is a vessel in which reactants are converted to products. A bioreactor is a reactor that 

uses microorganisms or enzymes from microorganisms for transforming reactants to products. 

Conventionally, bioreactors are made using materials that are inert, non-corrosive and can 

provide the enabling environment needed for growing microorganisms needed for the 

production of the desired product [5]. Additionally, the material of construction should be able 

to withstand the stress exerted on the vessel by steam pressure (1–2 bar) during sterilisation or 

the pressure that the bioreactor fluid would exert on it. Therefore, stainless steel is typically 

used for the construction of bioreactors especially for medium- or large-scale applications [4, 

20].  

Due to the high pressure requirement during sterilisation, to safeguard against failure- or 

pressure-associated work hazards, bioreactors are designed as pressure vessels [20]. However, 

using these bioreactors increases the capital investment cost of fermentation-based facilities. 

For example, in ethanol production facilities, the bioreactor contributes 25–35 % of the 

fermentation-based capital investment cost [26], while bioreactor and aseptic bioprocessing 

equipment contribute over 60 % of the fixed capital cost of plant cell-based bio-production [9]. 

Because of this high cost, alternatives to conventional bioreactors have emerged over time and 

the most prominent replacement particularly for pharmaceutical or goods manufacturing 

practices-associated fermentation facilities are the single-use or disposable bioreactors [8].  

An application of flexible materials in bioreactors can be found in lagoon bioreactors, in which 

a flexible material could be used to cover the lagoon or used in lining its sides to prevent 

leakage. Another application of flexible materials in making bioreactors is in single-use 

bioreactors. These bioreactors are completely made of the flexible material, giving them the 

natural pillow shape of collapsible tanks [8]. They can also be kept inside rigid vessels to give 

them the desired geometry and support [9]. However, as their name implies, they are only used 

once and then discarded, and this makes them unsuitable for fermentation-based production 

facilities with high production rates and short production cycles or for long-term continuous 

production applications. Further, as these bioreactors are made of plastics, disposing them 

poses an environmental challenge, and hence the need for alternative solutions. In 2013, a 

collapsible tank constructed with textile as its backbone material of construction was 

introduced for anaerobic fermentation for biogas production [18]. This textile-based bioreactor 

combines the previously mentioned advantages of collapsible tanks with improved material 
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strength, UV resistance and ability to be sterilised either with steam or chemicals. Figure 2.3 

shows a picture of one of the textile-based bioreactor vessels that was used in this thesis.  

 

Figure 2.3: A 30 L laboratory-scale textile-based bioreactor prototype. 

 

This thesis elaborates on the developments that have been made on the textile-based bioreactor 

for aerobic and anaerobic fermentation from a chemical engineering perspective using 

bioethanol and biogas production as case studies. Simulations were carried out to determine 

the stress that would be exerted on the bioreactor when used for medium- or large-scale 

applications and how the stress can be minimised (Paper III).  
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3. Bioreactor design and development 

 

3.1 History and development in bioreactor technology 

A bioreactor is a reactor or vessel in which microorganisms, enzymes, plant cells or 

mammalian cells are used for transforming substrates to product through fermentation, under 

controlled conditions suitable for the fermentation process. Fermentation, the basis on which 

bioreactors started to find applications, has been known to man since early civilisation as 

evidenced by the production of cheese, wine and beer which predates structured production 

using chemical engineering principles. During this period, emphasis was placed more on 

hygiene and product quality [5]. This did not change until the commercial production of 

acetone and butanol during the first world war [27]. The unique feature that was introduced to 

the acetone–butanol bioreactors back then was centred on maintaining a strict anaerobic 

environment [5], which was a key requirement for Clostridium acetobutylicum to carry out the 

conversion of starch or sugars to acetone and butanol [27, 28]. The creation of the anaerobic 

environment helped in preventing contamination and other work hazards associated with 

acetone–butanol production.  

The next major development in the history of bioreactors was the submerged fermentative 

production of penicillin during the Second World War [4, 5] that introduced the use of aeration 

and mechanical mixing in bioreactors [29]. Due to the instability of penicillin production at 

small scale, a standard method of cell transfer from shake flasks to seed tanks and then 

submerged bioreactors was developed [29]. Additionally, a separation technique was combined 

with the fermentation process to improve the quality of penicillin. This method of fermentation 

was in turn transferred to the production of other antibodies, vitamins, amino acids and other 

organic compounds [4]. This was the platform that led to using continuous stirred tank 

bioreactors for fermentation-based production [5]. Over time, several other types of bioreactors 

have been introduced such as the bubble column bioreactor, airlift bioreactor, fluidised bed 

bioreactor, trickle bed bioreactor, tray bioreactor, rotary drum bioreactor, continuous screw 

bioreactor and wave bioreactor. A timeline depicting the introduction of different bioreactors 

is shown in Figure 3.1.  
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Figure 3.1: Timeline for the introduction of different bioreactor designs based on the mixing mechanism [9, 30-

32]. 

 

From a technical perspective, the factors that have contributed to the introduction of different 

bioreactors designs include the morphology and shear sensitivity of the microorganism, mixing 

requirement of the fermentation process, the intended mode of operation of the bioreactor, mass 

transfer requirement of the fermentation process and the rheological properties of the 

fermentation broth. The continuous stirred tank bioreactor design was introduced to achieve 

good mass transfer and mixing, with mixing carried out by means of mechanical stirrers. The 

airlift, bubble column and fixed bed bioreactors were introduced for fermentation applications 

with shear sensitive microorganisms such as filamentous fungi [33]. For the bubble column 

bioreactor design, mixing is carried out solely by aeration occurring in one direction while the 

airlift design uses aeration with mixing occurring both in the riser and down-comer sections of 

the bioreactor. Wave or single-use bioreactors were introduced for batch-based fermentation 
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applications in which the growth rate or productivity is too low for continuous applications to 

be economical such as plant-based fermentation or shear sensitive mammalian cells 

fermentation [9]. The wave bioreactor design uses the rocking motion of the bioreactor to create 

wavelike motion of the fermentation media inside the bioreactor. The schematic representation 

of some bioreactor designs is shown in Figure 3.2.   

 

Stirrers

Air sparger  

 

Single use bioreactor

Base
Pivot

Up and down rocking 
motion of the 

bioreactor

 

 

Figure 3.2: Schematic representation of different bioreactor designs showing 

a continuous stirred tank bioreactor (a), an internal loop airlift bioreactor (b), 

a bubble column bioreactor (c) and a wave bioreactor (d). 

 

a b 
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3.2 Basic requirements of a bioreactor 

Although bioreactors are reactors, they have a key feature that distinguishes them from 

chemical reactors; bioreactors work with living microorganisms, cells or enzymes. Because of 

this, variations in process conditions such as temperature, pH or aeration can alter the 

transformation of reactants to product or the variation could lead to the death of the 

microorganism, thereby terminating the production process. Hence, it is important to keep the 

microorganisms in conditions suitable to them for producing the intended end-product.  

Different microorganisms would require different conditions for growth. The conditions would 

depend on whether the microorganism grows aerobically or anaerobically, the strength of their 

cell wall or if the cells of the microorganism aggregate or not. For strictly anaerobic 

microorganisms such as flocculating bacteria, a bioreactor design that uses air for mixing 

would be lethal. Considering cell aggregation, taking a yeast strain Saccharomyces cerevisiae 

as an example, the cells could either be freely distributed throughout the bioreactor or aggregate 

to form flocs. S. cerevisiae flocs are more tolerant of inhibitory conditions than the free cells 

which makes S. cerevisiae flocs idea for second-generation ethanol production [34]. A 

bioreactor design that uses stirrers could break the flocs and the flocculating S. cerevisiae 

would loss its ability to tolerate inhibitors it could previously cope with. Apart from this, cell 

aggregation increases the mass transfer resistance that the substrate should overcome before 

getting inside the cells. Hence, a bioreactor design that provides good mass transfer is needed 

for cultivating microorganisms that form aggregates.     

For substrate to be converted to product inside a bioreactor it goes through several steps, 

depending on whether the substrate is in a solid, liquid or gaseous phase. Let us take a gaseous 

substrate that should be converted to a product by a microbial cell inside the liquid phase in a 

bioreactor as an example. The substrate bubble must go through the gas film to leave the bulk 

gas phase. Then it goes through the gas liquid interface in other to enter the liquid phase. The 

substrate bubble then goes through the liquid film surrounding the bubble to enter the bulk 

liquid phase. Afterwards, it goes through the liquid film surrounding the microbial cell before 

reaching the surface of the cell and the conversion of the substrate to the product can begin. 

For the substrate to complete this movement, it would overcome some resistance (mass transfer 

resistance) as it moves across the different phases in the bioreactor. Hence, how this resistance 

and other similar important factors would be accounted for has to be incorporated into the 

bioreactor design. Emphasis has to be placed on important chemical engineering concepts like 
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mass transfer, heat transfer and hydrodynamics which describe the bioreactor performance 

from a macro perspective, and on the micro environmental conditions of the microorganism, 

like the presence of inhibitors, dissolved oxygen concentration, pH and foam formation when 

designing bioreactors [5, 35]. The micro environment will be directly affected by the following 

factors: consumption of substrates, products in the media, heat production and the formation 

of regions with high local cell densities or aggregates [5]. Prior to bioreactor design, a kinetic 

study helps to provide the data needed for designing bioreactors (Paper IV). 

In terms of macro and micro environmental operational conditions, bioreactors can broadly be 

separated into aerobic or anaerobic bioreactors [4] based on the supply or utilisation of oxygen 

in the bioreactor. When designing or operating bioreactors, several important requirement have 

to be considered, such as mass transfer, heat transfer or temperature regulation, mixing, reactor 

geometry, aeration, means of feeding and discharging the bioreactor, dilution rate for 

continuous systems, mechanism for monitoring microbial conditions, process optimisation, 

contacting system in the bioreactor, hydrodynamic factors, process safety and the overall 

economy of the bioreactor [4, 5, 20, 36-40]. However, whether the bioreactor is operated 

aerobically or anaerobically influences which bioreactor process requirements would be given 

more attention when designing the bioreactor. For example, for aerobic bioreactors, the heat 

and mass transfer requirement is higher than for anaerobic bioreactors [4]. 

Heat transfer or temperature regulation, mass transfer, mixing, broth rheology, kinetics, process 

optimisation and safety for either aerobic or anaerobic bioreactor operational mode would be 

elaborated on, considering the macro and micro environmental requirements for effective 

bioreactor design. 

 

3.3 Heat transfer 

Heat transfer is the transfer of thermal energy, as evidenced by the temperature change, from 

one entity to another. Heat transfer requirements for bioreactors depend on whether the 

bioreactor would be operated aerobically or anaerobically, the geometry of the bioreactor, the 

scale of application, the predominant state of matter (i.e. solid, liquid or gas) of the fermentation 

media and the contacting pattern in the bioreactor [4, 41]. The mechanism of heat transfer in 

bioreactors could either be by conduction, convection or by radiation depending on the state of 

matter and contacting pattern in the bioreactor [41]. Several mathematical models have been 

developed to describe heat transfer in bioreactors [4, 40-42]. When bioreactors are operational, 
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the overall goal in terms of heat transfer is that the temperature in the bioreactor should be 

maintained within the range needed for growing the microorganisms in the bioreactor. How 

this is achieved differs and it depends on the previously mentioned factors that affect heat 

transfer in a bioreactor.  

In general, anaerobic bioreactors require less energy for maintaining the temperature in the 

bioreactor within an acceptable range than aerobic bioreactors. The reasons for this include the 

generation of more heat energy during respiration by microorganisms, energy generation by 

air expansion in the bioreactor and the heat of water evaporation (as air enters the bioreactor 

dry but leaves saturated with water). Therefore, an aerobic bioreactor would need a mechanism 

for regulating heat energy of approximately 460,000 kJ/mol of oxygen consumed by the 

microorganisms; assuming an average oxygen uptake rate of 200 mmol/L/h, the heat transfer 

requirement would be 92 kJ/L/h [40]. This energy is normally added to the bioreactor using 

hot water for small-scale applications, whereas it is removed using cooling water for large-

scale applications.  

Controlling the temperature in the bioreactor based on its heat transfer requirement can be 

achieved either by using an external heat exchange loop, an external heating jacket or by using 

an internal vessel surface in the bioreactor. However, the design of such heat exchange element 

must be done in a way to avoid exposing the microorganisms to heat shock or oxygen 

deprivation (for aerobic bioreactors) [4].  

 

3.4 Mass transfer 

Mass transfer is the movement of mass from one position to another as evidenced by a 

concentration change. Good mass transfer in a bioreactor is important to ensure that the 

transformation of substrate to product in the bioreactor proceeds as planned [43]. Mass transfer 

in a bioreactor is affected by the factors that affect heat transfer as described in section 3.3. 

Additionally, mass transfer in a bioreactor is influenced by the degree of mixing, the 

morphology of the microorganisms, the viscosity of the fermentation medium, the aeration rate 

(for aerobic bioreactors) and the ease of transfer of substrate into or products out of the surface 

of the microorganism [44-46]. The mass transfer rate in a bioreactor is determined by two 

factors, diffusivity and bulk mixing, and it can be represented mathematically for non-turbulent 

flow as shown in Equation 3.1 where JA is the mass flux of component A, NA is the rate of 

mass transfer of component A, a is the cross-sectional area perpendicular to the direction of the 
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transfer of component A, DAB is the diffusivity of component A in a mixture of A and B, CA is 

the concentration of A and UO is the volumetric average velocity of flow of the bulk media.   

JA = NAa  = –DAB
dCA
dy  + CAUO         3.1 

There are two factors of interest when accounting for mass transfer in bioreactors; the uniform 

distribution of substrate and product in the bulk fluid inside the bioreactor and the transfer of 

components from the bulk fluid into the microorganisms or vice versa. These two factors can 

be related mathematically to the right-hand side of Equation 3.1. The first part of the equation 

describes mass transfer by diffusion which is the only means of transfer of components from 

the bulk fluid to the microorganism or vice versa, while the second part describes mass transfer 

by bulk flow, which has to do with the uniform distribution of substrate and product in the bulk 

fluid inside the bioreactor. Which of the two factors would be responsible for posing mass 

transfer limitation in the bioreactor would depend on several factors like the solubility of the 

substrate or oxygen in the media (for aerobic bioreactors), the size and density of the substrates, 

the formation of regions of high local cell densities by the microorganism and the contacting 

pattern in the bioreactor [46-49]. 

Mass transfer for aerobic bioreactors requires more consideration than anaerobic bioreactors 

because the oxygen transfer rate or utilisation rate usually presents a significant mass transfer 

limitation [44, 45, 48, 49]. This is because even without microbial growth, the dissolved oxygen 

equilibrium concentration in aerobic bioreactors is only five to ten times that of the limiting 

concentration, and it reduces with microbial activities [5]. Bioreactors that use microorganisms 

that form high local cell densities (i.e. self-aggregating, flocculating or filamentous) would also 

experience more mass transfer limitations than those that do not [50-52]. When the solubility 

of the substrate is within the rate-limiting range, mass transfer limitations would also be 

experienced in the bioreactor if extra measures are not taken to address the mass transfer 

limitation [5].   
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3.5 Mixing and broth rheology 

Mixing involves maintaining the uniformity of the substrate and product concentration in the 

bulk fluid inside the bioreactor with the aid of a mixing mechanism or device. Mixing also 

helps eliminate temperature variations in the bioreactor (Paper I). Mixing in a bioreactor could 

affect the productivity and yield in a bioreactor (Paper II) depending on whether the 

fermenting microorganism is freely uniformly distributed in the bioreactor or not. How mixing 

is carried out in a bioreactor depends on the state of matter in which fermentation is taking 

place in the bioreactor, the solubility of the substrate and product, the morphology and the 

thickness of the cell walls of the microorganism and whether the fermentation proceeds 

aerobically or anaerobically [5, 53-56]. Mixing is particularly essential when the growth of the 

microorganism, the substrate consumption or the product formation inside the bioreactor 

changes the rheological properties of the fermentation broth. Although mixing is essential for 

some fermentation processes, it should be within a range, as excessive mixing could be 

detrimental to shear-sensitive microorganisms, cause the breakup of flocculating 

microorganism, increase the power consumption in the facility and lead to poor bioreactor 

hydrodynamics conditions causing foaming and media loss [33, 57].   

The development in the history of bioreactors has also impacted how mixing is carried out in 

bioreactors, and the transition has been from stirred mixing using mechanical devices to mixing 

without stirrers (Paper II), [4, 9, 43]. Initially with continuous stirred tank bioreactors, mixing 

was done using Rushton turbines, which created a staged mixing pattern inside the bioreactors 

[4]. Mixing with Rushton turbines have been reported to generate non-uniformity with nutrient, 

product, substrate and oxygen distribution in bioreactors [4, 58, 59]; so axial or radial impellers 

now find increasing applications in bioreactors. For applications where the microorganisms are 

sensitive to the shear stress exerted on their cell walls by stirrers, mixing is carried out without 

any mechanical devices. Examples of bioreactors without mechanical mixing devices include 

up-flow anaerobic sludge blanket (UASB) bioreactors, airlift bioreactors, bubble column 

bioreactors, different single-use bioreactors and the newly introduced textile-based bioreactor. 

These bioreactors employ different principles for mixing and fluidisation is one of the most 

used principles. Mathematical representations of the principles governing fluidisation are 

shown in Equations 3.2 to 3.6, with Equations 3.4 and 3.5 defining the flow conditions for 

Reynold’s number less than 10 and Equation 3.6 must hold for fluidisation to begin and be 

sustained in the bioreactor (Paper II).  
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Force due to acceleration = Force due to gravity – Buoyancy force – Drag force  3.2 

Pressure force (Fp) = Force due to gravity (Fg) – Buoyancy force (FB)   3.3  

V0 = Vu = (ρp - ρf)gDp2ε3/150μ(1-ε)        3.4 

Vs = (ρp - ρf)gDp2/18μ          3.5 

V0 ≤ Vumax ≤ Vs          3.6 

where V0 is the superficial velocity, Vumax is the maximum fluid upward velocity, Vs is the 

particle or biomass settling velocity, ρp is the density of the particle, ρf is the density of the 

fluid, g is the acceleration due to gravity, Dp is the particle or biomass diameter, μ is the fluid 

viscosity and ε is the void fraction.  

To achieve good mixing in a bioreactor, it is essential to understand the nature of the resistance 

to flow (viscosity) in the bioreactor. The viscosity in a fermentation media could either be 

constant or change during the duration of fermentation. The relationship between the shear 

stress τ (Pa) and the shear rate 𝑑𝑑𝑑𝑑
𝑑𝑑𝑑𝑑 or ý (1/s) when the viscosity is constant is given by Newton’s 

law as shown in Equation 3.7.  

τ = - µdv
dy = - µý           3.7 

For most fermentation media, when the microorganism grows up to an extent, the fluid 

viscosity would start changing, and fluid would then behave as a non-Newtonian fluid. For 

most microbial fermentation media, the flow under this condition is pseudoplastic and it 

follows the relationship shown in Equation 3.8, where K is the fluid consistency index (Pa.sn) 

and n is a number less than one [60].  

τ = Kýn           3.8  

The viscosity under non-Newtonian conditions is the apparent viscosity (µa) and it can be 

expressed by the relationship shown in Equation 3.9.  

µa = Kýn-1 =  τ 
ý           3.9 
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3.6 Process optimisation and safety 

Bioreactor design can be optimised with respect to several features including the vessels aspect 

ratio, production economics (e.g. product yield, productivity and batch completion time) and 

minimisation of cost and energy requirement of the bioreactor. Considering the bioreactor 

vessel aspect ratio, the best design would depend on whether the bioreactor would be used 

aerobically or anaerobically. For aerobic bioreactors, a higher height-to-diameter ratio would 

result in higher pressure at the bottom of the bioreactor, thereby creating a higher mass transfer 

driving force. Therefore, a bioreactor with a higher height-to-diameter ratio would require less 

aeration than one with a smaller height-to-diameter ratio. The drawback of a bioreactor with a 

high height-to-diameter ratio is that there would be a non-uniform distribution of nutrients and 

dissolved oxygen across the bioreactor and higher-pressure vessel requirements due to the high 

pressure at which air would be supplied to the bioreactor. Hence, it is important to design the 

bioreactor using an aspect ratio that provides optimal gas holdup time and a good distribution 

of oxygen and nutrients in the bioreactor. For anaerobic bioreactors, the optimal aspect ratio of 

approximately 1 provides optimal mixing; however, practical considerations such as vessel cost 

influences the aspect ratio to be used [4]. 

Safety is paramount when designing bioreactors. Failures could occur in a bioreactor when in 

operation from its inability to contain the stress exerted on it by the contained media [61] or 

from the corrosion of the material of construction of the bioreactor [62]. The stress exerted on 

the bioreactor can be calculated using the thin shell theory, if the ratio of its wall thickness to 

its radius is less than or equal to 1/20, it has a fixed geometry and the pressure inside it is 

constant [63]. For a bioreactor with a cylindrical geometry, the longitudinal stress (σ) exerted 

on it by the pressure of the fluid can be calculated using Equation 3.10, where P is the pressure, 

R is the radius of the bioreactor and t is the wall thickness of the bioreactor. Taking a cylindrical 

bioreactor with a wall thickness of 4 mm, radius of 1 m and sterilisation pressure of 2 bars, the 

longitudinal tensile stress that would be exerted on it would be 25 MPa. For a safety allowance 

factor of 1.5 [64], the material for constructing the bioreactor must have a tensile strength 

greater than 37.5 MPa to safeguard against failure which would occur when the stress in the 

vessel has exceeded the material’s intrinsic tolerance values as determined by its Young’s 

modulus [65]. This high tensile strength requirement is the reason why stainless steel is usually 

used for fabricating bioreactors.  

σ = PR/2t              3.10 
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3.7 Kinetics 

Microbial growth, substrate consumption and the product formation rate can be investigated 

using a basic unstructured model.  

3.7.1 Growth kinetics 

Under non-limiting conditions, microbial growth can be described using Equation 3.11 as 

dX
dt =  µX,               3.11  

where X is the dry weight of cells (gL-1), t is time (h) and µ is the specific growth rate (h-1). 

The specific growth rate can be defined in terms of the Monod kinetic model as  

µ =  µm S
S+Ks

,                    3.12  

where µm is the maximum specific growth rate (h-1), S is the substrate concentration (gL-1) and 

KS is the saturation constant (gL-1).  

Under non-limiting conditions, combining Equations 3.11 and 3.12 gives the combined 

microbial growth rate equation 

dX
dt =  µX =  µm S

S+Ks
X.                3.13  

3.7.2 Aeration kinetics 

For aerobic microorganisms, the supply and utilisation of oxygen in the fermentation medium 

is essential for microbial growth, which in turn affects substrate consumption and product 

formation inside the bioreactor. Oxygen supplied to a bioreactor is normally utilised in the 

dissolved form by microorganisms and the three important parameters influencing this are the 

dissolved oxygen concentration (DO), the oxygen transfer rate (OTR) and oxygen utilisation 

rate (OUR). The DO, OTR and OUR in a well-mixed liquid fermentation broth are related as 

shown in Equation 3.14.  

DO = OTR – OUR              3.14  

As regards the OTR, several resistances to mass transfer are encountered when oxygen moves 

from the air bubbles through the liquid in the bioreactor to the surface of the microorganisms. 

However, it is usually assumed that oxygen transfer into microorganisms occurs through 

molecular diffusion and the mass transfer limitation in the gas phase can be neglected; thus, 
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the driving force of the OTR would be the oxygen concentration gradient between that at the 

bulk liquid and that at the interface [44]. Thus, the oxygen mass transfer rate per unit volume 

in the bioreactor can be determined using Equation 3.15 where C* is the oxygen saturation 

concentration in the bulk liquid in equilibrium to the bulk gas phase, kL is the mass transfer 

coefficient across the liquid phase and CL is the dissolved oxygen concentration in the bulk 

liquid [44].  

NO2 = aJO2 = kLa (C* - CL)             3.15  

Because of the difficulty of measuring the interfacial surface area (a), kLa is normally used as 

a single parameter called the volumetric mass transfer coefficient. Several empirical 

correlations have been developed for estimating kLa or kL for different types of bioreactors in 

which the fluid flow patterns follow either Newtonian or non-Newtonian behaviour [66-68]. 

The maximum OTR (OTRmax) can be estimated using the oxidation rate of a chemical such as 

sodium sulphite and several correlations have been developed for it [44, 49, 69]. 

The OUR can be determined by the product of the specific oxygen uptake rate of the 

microorganism being employed (qo) and the biomass concentration (X). When the minimum 

DO threshold for microbial growth has been attained in a bioreactor, the specific oxygen uptake 

rate qo has been shown to have a zero-order relationship with the DO concentration [69-71]. 

Hence qo can be determined from Equation 3.14. 

qo = (OTR – DO)/X             3.16  

In the case of a well-mixed bioreactor operating at the steady state, the DO in Equation (14) 

becomes zero [45, 48]; hence, the OUR can be approximated to equal the OTR [46]. Thus q0 

on the verge of the oxygen mass transfer limitation can be estimated as shown in Equation 3.17 

(Paper IV) where Xt is the biomass concentration (g/L) on the verge of the oxygen mass 

transfer limitation. 

qo = OTR/Xt               3.17  

3.7.3 Substrate consumption and product formation kinetics 

When a high substrate concentration influences the observed kinetics, its influence can be 

included into the Monod model, as shown in Equation 3.18 [72]: 

dX
dt =  µX =  µm S

S+Ks
(1 − S

S∗) n X,            3.18 
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where S* is the substrate concentration (g/L) at which no growth occurs and n is the degree of 

the inhibition. The effect of product inhibition on the kinetics can be expressed using Equation 

3.19 [73], where µ'm is the observed maximum growth rate, Pi is the concentration of a 

particular product (g/L), Pi* is the concentration at which no growth occurs and ai is the degree 

of product inhibition.  

dX
dt =  µX =  µ′m S

S+Ks
⌊∏ (1 − Pi

Pi∗∗) ai⌋  X           3.19 

When both substrate and product inhibition occur, Equation 3.18 and 3.19 can be combined to 

describe the overall growth rate. 

dX
dt =  µX =  µ′m S

S+Ks
(1 − S

S∗) n ⌊∏ (1 − Pi
Pi∗) ai⌋  X          3.20 

In addition to the kinetic equations 3.13 and 3.18–3.20, the Luedeking–Piret model 

(Equation 3.21) is commonly used to describe the production of metabolites such as ethanol in 

terms of growth (dx/dt) and non-growth association [74, 75]:  

dPi
dt =  αi

dX
dt +  βiX,              3.21 

where αi is the growth-associated parameter (dimensionless) and βi is the non-

growth-associated parameter (h-1).  

 

3.8 Challenges of conventional bioreactors  

Conventional bioreactors, when designed, hardly leave room for other modifications that might 

be interesting from the end user’s perspective. For example, a continuous stirred tank bioreactor 

used for aerobic fermentation would not be suitable for share-sensitive microorganisms which 

might latter be found to be better for the fermentation production process than what was 

previously used after the bioreactor has been installed. Thus, it would be beneficial for 

bioreactors to be introduced that favour improved flexibility. Increase in the flexibility of 

biological-based production has been linked with several benefits that include faster batch 

turnover, reduced capital investment cost, reduced process installation time and the ease of 

transfer of focus from one high-value product to another [31]. The textile-based bioreactor 

developed in this thesis encompasses the concept of improved flexibility, as the same 

bioreactor can be used anaerobically or aerobically and for different microorganisms (Paper I, 

II, V,VI) [76]. 
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For a large-scale application, the small area-to-volume ratio of stainless steel-based bioreactors 

(typically between 0.6–0.4) means that considerable energy would be needed for cooling them. 

This is because the heat loss due to evaporation and radiation increases with increasing area-

to-volume ratio; a small area-to-volume ratio would reduce the heat loss to the environment 

and hence more cooling would be required. The developed textile-bioreactor has a higher area-

to-volume ratio than conventional bioreactors and  would therefore require less energy 

provision and energy-associated cost than conventional bioreactors.  

Another challenge associated with conventional bioreactors is the high capital investment cost 

associated with them [26]. The high bioreactor cost translates to a high production cost, which 

in turn could make the product from the bio-production facility more expensive and less 

preferred in the market.  

The operational challenges associated with different bioreactor designs are summarised in 

Table 3.1. 
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Table 3.1: Challenges associated with different bioreactor designs [77-82] 

Bioreactor 
design type 

Challenges  
 

Stirred tank 
bioreactors 

Uses mechanical stirrers for mixing 
High shear force; hence not suitable for share-sensitive microorganisms 
High power requirement for the stirrers 

Bubble column 
bioreactors 

Low volumetric oxygen transfer rate 
High risk of foam formation 
Extra cost associated with gas mixing for anaerobic application 

Airlift 
bioreactors 

Non-uniform distribution of bioreactor content due to higher driving force 
at its bottom 
High risk of foam formation 
Extra cost associated with gas mixing for anaerobic application 

Fluidised bed 
bioreactor Requires a density difference between media and microorganisms 

Trickle bed 
bioreactor 

High possibility of non-uniform microbial activity 
Low volumetric oxygen transfer rate 

Tray bioreactor Requires efficient immobilisation 
High possibility of non-uniform microbial activity 

Rotary drum 
bioreactor 

High power requirement for rotation when upscaled 
Usually designed as a horizontal vessel 

Continuous 
screw bioreactor 

High energy input for driving the screw 
Usually designed as a horizontal vessel 

Wave bioreactor Low volumetric oxygen transfer rate 
Limited to batch-related production mode 
Difficulty in upscaling 
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4. Textile bioreactor development 

 

The textile-based bioreactor was first introduced as an economically favourable bioreactor for 

biogas production at small scale without any internal or external process control feature in it 

[18]. However, for the bioreactor to be suitable for aerobic or anaerobic fermentation-based 

production using different substrates and microorganisms, it is essential that process control 

features be introduced in the bioreactor as in other conventional bioreactors. Several process 

control features have been introduced and further developed in the textile-based bioreactor, 

including temperature control and a mixing mechanism and they will be discussed in the 

subsequent sub-sections. In addition, some practical considerations needed for ethanol and 

biogas production using different microorganisms will be discussed.  

 

4.1 Temperature control 

A means for regulating the temperature in the textile-based bioreactor that uses heat exchange 

tubes connected to a thermostatic recirculator wound around the bottom of the bioreactor was 

first introduced as shown in Figure 4.1. The temperature inside the bioreactor can be monitored 

continuously or when needed using a thermometer or a temperature probe connected through 

the top of the bioreactor. The heat exchange tubing was wound between 6–12 times to cover 

75–90 % of the perimeter of the bottom part of the bioreactor. This temperature control feature 

was developed for anaerobic application of the bioreactor (Paper I, II, V) or for applications 

where the surface-area-to-volume ratio of the bioreactor is approximately 1 or higher. 
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Thermometer or 
temperature probe

Gas outlet and sample 
collection point

Liquid 
level

Heat exchanger liquid 
Recirculation pipe

Heat exchanger

Heat exchanger tubings at 
textile bioreactor base

Textile bioreactor 
frame

Rising bubbles

 

Figure 4.1: Schematic of a prototype of the textile-based bioreactor showing temperature control using heat 

exchange tubes at the bottom of the bioreactor. 

The temperature control mechanism (shown in Figure 4.1) was tested for the anaerobic 

fermentation of sucrose by using baker’s yeast and the result from the fermentation carried out 

in the textile-based bioreactor with and without this temperature control mechanism is shown 

in Figure 4.2 (Paper I). From the result, it can be seen that with temperature control, the 

fermentation rate was much faster as the specific ethanol productivity for the bioreactor 

maintained at 30 °C (which is the optimal fermentation temperature for baker’s yeast) was 

1.04 ± 0.01 g/L/h, which was twice that without temperature control. Additionally, the 

fermentation rate per gram starting yeast concentration recorded in the textile-bioreactor 

maintained at 30 °C is comparable with that reported for other sugar-based bioreactors [83]. 
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Figure 4.2: Concentration of sucrose (●) and ethanol (■) on the primary axis and glycerol (▲) on the secondary 

axis in the textile-based bioreactor as a function of time, with temperature controlled at 30 °C and without 

temperature control. 

Another temperature control mechanism that was developed for the textile-bioreactor is shown 

in Figure 4.3. For this case, the heating tubing is wound round the vertical surface of the 

bioreactor or the bioreactor is put inside a heating jacket up till where the liquid height ends 

(Paper VI), [76]. This design is more suitable for aerobic fermentation with a surface-area-to-

volume ratio less than 1 to increase the gas holdup time in the bioreactor. Aerobic fermentation 

experiments performed with this design using the fungus Nuerospora Intermedia as microbe, 

thin stillage and vinasse as substrate had similar results to that reported for conventional 

bioreactors [84, 85]. 
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Figure 4.3: Schematic of a prototype of the textile-based bioreactor showing temperature control using heat 

exchange tubes or a heating jacket at the side of the bioreactor. 

 

4.2 Mass transfer  

Flocculation and pellet formation by microorganisms is associated with several benefits that 

include smaller bioreactor volume requirement and ease of biomass separation [43, 86-88]. 

However, the possibility of mass transfer limitation occurring in bioreactors that use 

microorganisms with morphologies that lead to self-aggregation (e.g. flocculating or pellet-

forming microorganisms) or mycelial formation is usually higher than those with freely 

suspended cells (Paper II, IV, VI). This tendency for mass transfer limitation to occur has 

been reported for both aerobic and anaerobic bioreactors [46, 49, 89, 90]. To address chances 

of mass transfer limitation occurring in the textile-based bioreactor, it was developed using 

some fluidisation concepts to maximise the contact between the microorganisms and the 

substrate in the bioreactor for aerobic and anaerobic applications.   

Overcoming the mass transfer limitation associated with anaerobic fermentation was 

investigated in the textile-based bioreactor using naturally flocculating yeast strain S. 

cerevisiae CCUG 53310 (Culture Collection University of Gothenburg, Gothenburg, Sweden) 

with a settling velocity of 0.01 m/s, density of 1140 kg/m3 and particle diameter between 190 

to 320 µm (Paper II). Mixing tubes were designed and used for re-suspending the flocculating 
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yeast inside the bioreactor using modified versions of Equations 3.4–3.6 specific for the 

bioreactor (Equations 4.1–4.4), where Vi is the velocity of the fluid going through the mixing 

tubing and Vh is the upward velocity with which the fluid in the mixing tubing emerges out. A 

schematic representation of how the mixing tube is placed in the bioreactor and the mixing 

pattern it created in the bioreactor is shown in Figure 4.4. 

 V0 = Q/A = Q/(1.1×0.34) = 2.674Q        4.1 

Vi = Q/Ai = Q/(π×ri2) = 5.094×104Q        4.2 

Vh= 142×Vi/1200 = 6.028×103Q        4.3 

V0 ≤ Vh ≤ Vs           4.4  
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Figure 4.4a: Cross-section of the textile-based bioreactor prototype showing the internal mixing system from 

the top view. 

 

Figure 4.4b: Schematic representation of the re-suspension of flocculating yeast inside the textile-based 

bioreactor. 

 

33 
 

The mass transfer rate is influenced by two components, diffusivity and bulk flow (Equation 

3.1). For microorganisms with self-aggregating tendencies, the mass transfer limitation 

experienced when they are used in bioreactors is usually based on diffusivity [91]. By 

increasing the contacting surface area in the textile-based bioreactor, the mass transfer 

limitation associated with diffusivity can be eliminated [92-94]. Results from the fermentation 

experiment carried out in the textile-based bioreactor using the mixing tubes showed that the 

mass transfer limitation associated with the use of the flocculating yeast for anaerobic ethanol 

production was eliminated as evidenced by the faster fermentation completion time (Figure 

4.5) even when 30 times less bulk flow rate was used (Paper II).   

  

Figure 4.5: Concentration of sucrose (■), ethanol (■) and glycerol (■) in the textile-based bioreactor against 

time, with the developed mixing tube (a) using a fluid recirculation rate of 0.0016 VVM and without the mixing 

tube (b) using a fluid recirculation rate of 0.032 VVM 

For aerobic bioreactors, when the substrate and nutrients in the bioreactor are well mixed, the 

mass transfer limitation experienced in them is usually due to oxygen transfer and utilisation 

rate [4, 5]. Every aerobic microorganism has a specific oxygen consumption rate within a range 

depending on the size distribution of the microorganism and the morphology it forms [95-97]. 

When the specific oxygen utilisation rate of the microorganism is known and the biomass 

concentration in the bioreactor is known, the oxygen mass transfer limitation can be eliminated 

by applying Equations 3.14–3.17 to calculate the rate at which oxygen should be supplied to 

the bioreactor. When the specific oxygen utilisation rate and the growth rate of the 

microorganism are not known, a kinetic study can be performed to determine them (Paper IV). 

Using pellet-forming fungi Nuerospora Intermedia as example, kinetic studies gave the 

specific oxygen uptake rate of the pellets as between 0.27–0.9 mmol-O2/g-biomass/h and its 

maximum growth rate at pH 3.5 as 0.318/h (Paper IV).  
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4.3 Mixing 

Mixing aims at achieving uniformity in temperature, nutrient, substrate and product 

concentration, and other bulk fluid flow properties of the fermentation media, including 

viscosity, inside the bioreactor. Mixing in liquid media can be achieved by agitation, with the 

aid of a stirrer, or by the use of a pump for recirculation, depending on the viscosity of the 

liquid and if the medium is single- or multi-phased [98]. For the textile-based bioreactor, 

mixing carried out inside it was developed based on the nature of the substrate and the 

fermenting microorganism and whether the bioreactor would be used aerobically or 

anaerobically (Paper I, II and VI).  

The mixing requirement for the bioreactor can be estimated using the particle-settling velocity 

which takes into account the difference between the density of the microorganism and the 

liquid media inside the bioreactor (Equation 3.5). The higher the settling velocity the more the 

separation of the particles from the bulk fluid, indicating more mixing to achieve uniformity. 

For freely suspended microorganisms such as baker’s yeast with density almost the same as 

water and substrate highly soluble in water, the settling velocity of the cells was approximately 

1.15 × 10-5 m/s; hence, mixing could be carried out using recirculation of the bioreactor content 

without an additional mixing device (Paper I). Figure 4.6 shows the concentration profile of 

the substrate and products across the textile-based bioreactor with time from two different 

positions to compare the homogeneity of the fermentation broth. It can be seen from Figure 4.6 

that mixing with recirculation was effective for freely suspended baker’s yeast cells in the 

textile-based bioreactor. An analysis of variance (ANOVA) performed using a general linear 

model of ethanol and sucrose concentration as responses and sampling position as factor gave 

p-values of 0.933 for ethanol and 0.937 for sucrose, and hence the position from which the 

sample is drawn is not statistically significant, meaning that the mixing was uniform across the 

textile-based bioreactor.  
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Figure 4.6: Concentration of sucrose (●) and ethanol (■) on the primary axis (left side), and glycerol (▲) on the 

secondary axis (right side), with samples taken from the outlet (figure a) and the centre of the reactor (figure b) 

as a function of time. 

For microorganisms with morphologies that favour the formation of regions with high local 

cell densities such as flocculating yeast, flocculating bacteria, fungi pellets and fungi filaments, 

an additional mixing system was used inside the bioreactor (Paper II and VI). Flocculating 

yeast, flocculating bacteria and fungi pellets had a settling velocity of 0.01 m/s or higher in 

water. This high settling velocity was provided either using an upflow of the liquid media or 

by aeration (Paper II, VI). For anaerobic applications, with flocculating microorganisms, 

using Equations 4.1–4.4, a mixing system (Figure 4.4 a) that uses the liquid medium inside the 

bioreactor for both re-suspending the microorganisms and uniformly distributing the nutrients, 

substrates and product inside the bioreactor (Figure 4.4 b) was designed and tested using 

flocculating yeast fermentation (Paper II). First, the mixing system was tested by injecting 

bromophenol blue at one end of the bioreactor (a substance with lower diffusivity than the 

substrate and product [99-101]) at a different bulk flow rate (recirculation rate) to check if 

mixing is efficient particularly at the corners of the bioreactor. The result from this 

investigation (Figure 4.7) shows that the maximum time for uniformity to be achieved was 50 

min when a bulk recirculation rate of 0.02VVM was used (Paper II). This mixing time is 

sufficient considering that ethanol and sucrose diffuse faster in water than bromophenol blue 

and also the sampling time for ethanol production is usually measured in hours [83].  
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Figure 4.7: Bromophenol blue absorbance in the textile bioreactor at 0.015 VVM flow rate (a) and 0.002 VVM 

flow rate (b) at the injection point (■) and at the opposite rear (■) 

Another feature of mixing using the internal tubing is that the tubing can be designed with 

different specifications such as the distance between each hole (Equation 4.3). Using an 

appropriate design, the upflow velocity of the fluid coming out of the tubing can be changed 

as shown in Equations 4.2 and 4.3. A compilation of different fluid upflow velocities at 

different bulk flowrates using different tubing designs is shown in Table 4.1. If the settling 

velocity of the microorganisms is less than the fluid upflow velocity from the mixing tubing, 

then the cells would be retained within the bioreactor. Taking flocculating yeast with a settling 

rate of 0.01 m/s as an example, with a hole spacing of 2 mm at 0.02 VVM (1.2/h dilution rate), 

the upflow velocity would be 0.01 m/s, and with an initial tubing length of 18 m instead of 12 

m, the fluid upflow velocity would be 0.007 m/s, indicating that feeding the bioreactor with a 

dilution rate higher than 1/h without washout is possible. Similar analogy was used to design 

the aeration tubing for aerobic application of the bioreactor (Paper VI) but instead of liquid 

flow properties, gas flow properties were used.  
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Table 4.1: Fluid upflow velocities generated at different flow rates using different mixing tube designs in the 

textile-based bioreactor. VVM: volume per volume per minute; V0: Superficial velocity; Vi: 

Fluid velocity; Vh: Fluid upflow velocity; Vs: Flocs settling velocity 

Q 

(VVM) V0 (m/s) ×106 Vi (m/s) Vh at different hole spacings (m/s) Vs (m/s) 

      1-cm spacing 5-mm spacing 2-mm spacing   

0.0016 1.78 0.03 0.004 0.002 0.001 0.01 

0.0120 13.37 0.25 0.030 0.015 0.006 0.01 

0.0160 17.83 0.34 0.040 0.020 0.008 0.01 

0.0320 35.64 0.68 0.080 0.040 0.016 0.01 

0.0600 66.84 1.27 0.151 0.075 0.030 0.01 

 

 

4.4 Broth rheology and hydrodynamics  

Rheology is the science of fluid flow and deformation, and hydrodynamics is the study of the 

forces interacting between immersed bodies in the fluid, the fluid flow patterns and the 

deviations in fluid flow patterns caused by the immersed bodies [60]. Viscosity, the resistance 

to fluid motion, is extremely important for bioreactor rheological and hydrodynamics studies 

because it affects pumping, mixing, aeration, mass transfer, heat transfer and the overall 

bioprocessing economics [60]. Changes in the properties of any fluid, such as temperature or 

concentration, is achieved when there is motion in the fluid; hence, viscosity in bioreactors is 

important as submerged fermentation is carried out in the fluid inside the bioreactor. The more 

the viscosity, the more the force needed for fluid flow, which in turn means more power or 

energy would be needed to carry out the biotransformation inside the bioreactor. Further, 

during fermentation, the viscosity of the fermentation broth can change either because of the 

increase of biomass concentration, the production of viscous extracellular metabolites or a 

change in the consistency of the substrate (like hydrolysis of starch).  

In terms of biomass, the viscosity of fermentation broths with baker’s yeast cells and 

non-chain-forming bacteria is usually constant when the total solid in the bioreactor is less than 

10 % [102-104]. However, for fermentation broth with mycelia suspension, the media viscosity 

changes following the pseudoplastic model (Equations 3.8 and 3.9) and there are high chances 

of non-uniformity of the viscosity across the bioreactor, hence it is the apparent viscosity in the 
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bioreactor that is measured. The biomass concentration (X) and the change in the consistency 

of the substrate influences the apparent viscosity of the fermentation broth [105, 106]. 

Empirical relations for the consistency index (K in Pa.sn) and the flow behaviour index (n) as 

a function of biomass concentration were developed for aerobic filamentous fungi fermentation 

using an integrated media of hydrolysed wheat straw and thin stillage (Equations 4.5 and 4.6) 

(Paper VI).  

K = 0.59 X0.9           4.5 

n = 0.539 – 0.062X          4.6  

The integrated media of hydrolysed wheat straw and thin stillage had a flow behaviour index 

of 0.52 because it had a total solid (TS) concentration of 7.5 % prior to fermentation, showing 

that its flow follows the pseudoplastic model (Equation 3.8). For substrates with high TS, the 

mixing and aeration requirement to achieve homogeneity or good contact between the substrate 

or oxygen with the microorganisms is higher than for substrates with low TS. Taking anaerobic 

fermentation of palm oil mill effluent (POME) using flocculating bacteria as an example, the 

POME had a TS of 6.6 %, a viscosity of 153 cP and density of 1017 kg/m3, while the density 

of the flocculating bacteria was 1025 kg/m3. Without aided mixing, the flocculating bacteria 

were floating on top of the POME, hence no proper fermentation could take place as the media 

was highly viscous and the density difference between the flocs and POME is not much 

(Equations 3.5 and 3.6).  

The physical properties of the fermentation broth (such as viscosity and density), the geometry 

of the bioreactor, the operational conditions (such as agitation or stirring rate, aeration rate and 

feeding rate) and the biomass (the amount present and its growth pattern) influence the 

hydrodynamic conditions in a bioreactor [107, 108]. For shear-sensitive microorganisms such 

as filamentous fungi, the use of stirrers increases the shear force in the bioreactor which could 

damage their cell wall. Considering the example of aerobic fermentation with filamentous 

fungi, the operational hydrodynamic factors for the bioreactor design would be those related to 

aeration (oxygen transfer rate and foaming). For highly viscous media, a higher OTR would be 

needed to prevent mass transfer limitations as the OTR has an inverse relationship with 

viscosity [44, 69]. However, increasing the OTR increases the gas rise velocity, which has a 

direct relationship with the foam rise velocity in a bioreactor [109]. This is because two 

conditions are needed for foam formation and stabilisation: the presence of protein compounds 

in the substrate and a gas rise velocity higher than the liquid rise velocity [109-111]. One way 
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to reduce the gas rise velocity at a high OTR is to use a bioreactor design with a cross-sectional 

area that increases the liquid rise velocity. This was incorporated into the textile-based 

bioreactor design. To compare the performance of the textile-based bioreactor with other 

bioreactors, fermentation was carried out in different bioreactors using a 1:1 mixture of thin 

stillage and hydrolysed wheat straw as substrate and a mycelium-forming fungi biomass. The 

initial viscosity of the fermentation broth was 93 cP; hence, an aeration rate of 1.4 VVM was 

used for the fermentation process to prevent oxygen mass transfer limitations. The gas rise 

velocity for the textile bioreactor was 6.25 times less than that for the airlift and bubble column 

bioreactors because of the higher cross-sectional area of the textile-based bioreactor. Increase 

in broth viscosity increased the frequency of foam formation and stabilisation, particularly in 

the airlift and bubble column bioreactors where foaming led to the loss of 37 % and 54 % of 

the liquid from the airlift and bubble column bioreactors respectively. Foaming only occurred 

once during start-up for the textile-based bioreactor (Paper VI). This indicates that the design 

of a bioreactor can influence foam formation and stabilisation under operating conditions 

suitable for foaming in a bioreactor [112].  

 

4.5 Perspective on bioethanol production   

Ethanol can be produced biologically from fermentation (bioethanol) or from crude oil. Ethanol 

produced from biological processes accounts for over 95 % of global ethanol production [113]. 

Bioethanol is the most produced biofuel globally, accounting for 76 % of the total biofuel 

production in 2014 [114]. Some reasons for this include the high yield that can be attained in 

ethanol production, the ease of producing ethanol and government regulations or incentives 

[27, 113, 115]. Industrially, bioethanol is produced from glucose, fructose or sucrose from 

sugary raw material (e.g. sugarcane) or starchy feedstock (e.g. corn, wheat, barley etc.) using 

S. cerevisiae most times as the fermenting organism. Producing bioethanol from these 

feedstocks is referred to as first-generation ethanol production. Because of the food versus fuel 

debate and the high cost of food-based feed, considerable research has been conducted on 

ethanol production from lignocellulosic material [10]. Producing ethanol this way is referred 

to as second-generation ethanol production.  

Ethanol production and utilisation has been on the increase in the past decade because of its 

diverse benefits, increasing environmental awareness and the need to have alternatives to 

fossil-based fuels [114]. Despite this, the economics of producing bioethanol still presents a 
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huge challenge in making it more preferable than fossil-based fuels for end users and potential 

investors [10]. For example, in the European Union (EU), bioethanol would only be able to 

compete with fossil-based fuels when crude sells for US$ 70 a barrel, while it can compete in 

the United States (US) when crude sells at US$ 50–60 a barrel, and in Brazil it can compete 

when crude sells at US$ 25–30 a barrel [116]. Currently, crude oil sells for between US$ 30–

50 a barrel, making fossil-based fuels the cheapest fuel alternative in the market. The cost of 

bioethanol production can be separated into four main classes: the cost of the feedstock, the 

cost of pretreatment, the cost of the fermentation process and the cost associated with upgrading 

the produced bioethanol. While the costs of feedstock and pretreatment depend on the substrate 

(which is usually outside the control of process designers or operators), significant 

improvement can be made in reducing the cost associated with fermentation processes and how 

this can be done was considered using the textile-based bioreactor. 

From a fermentation perspective, a high product yield, process development, reduction in 

bioreactor cost and a faster fermentation rate can help in minimising the cost of the 

fermentation process (Paper II). For first-generation ethanol production, baker’s yeast and 

flocculating yeast were used for bioethanol production in the textile-based bioreactor (Paper I 

and II), while the fungi Nuerospora Intermedia was used for integrating first- and second-

generation bioethanol production (Paper VI). Taking flocculating yeast as an example, using 

it for bioethanol production comes with several advantages such as improved inhibitor 

tolerance, high productivity associated with a high dilution rate and reduced bioreactor volume 

requirement. However, to maintain the floc size to minimise cell washout and improve mass 

transfer, mixing is usually carried out in the bioreactors using aeration as stirrers will break the 

flocs [43]. This causes two major challenges: reduced ethanol yield as aeration favours more 

biomass production and increased foaming tendencies [117]. Hence, mixing was carried out 

anaerobically in the textile-based bioreactor using the liquid medium of the fermentation broth 

(using the fluidisation concept shown in Equations 4.1–4.4). This resulted in an ethanol specific 

productivity of 0.29 ± 0.01 g-ethanol/g-biomass/h with complete substrate utilisation (Paper 

II), which compares favourably to reported ethanol specific productivity of 0.045 g-ethanol/g-

biomass/h with complete substrate utilisation or 0.4 g-ethanol/g-biomass/h with significant loss 

of substrate [118]. Additionally, combining the benefits of lower bioreactor cost associated 

with the textile-based bioreactor with the elimination of the need for centrifugation (because 

of the high settling velocity of the flocs), the fermentation investment cost of a typical 100,000 

m3/year ethanol can be reduced by 37 % (Paper II).     
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4.6 Perspective on biogas production 

Biogas is a mixture of gases consisting mainly of methane and carbon dioxide produced 

through anaerobic digestion (AD) of organic feedstocks. The high methane content in biogas 

means that it can be used as a good energy source for heating [119] or electricity generation 

[120]. In addition to the produced biogas, anaerobic digestion also produces fertilisers as a 

by-product, increasing the overall profitability of the biogas production process (Paper V). 

Biogas production has a distinct advantage over bioethanol production in that it can be 

produced economically at small, medium or large scales from the organic content of waste 

materials (Paper V). However, as biogas is a gaseous phase, from the perspective of 

transportation or storage, bioethanol production is more favourable. Another distinction 

between bioethanol and biogas production is that the AD process for biogas production is 

carried out by a consortium of microorganisms working in synergy unlike bioethanol 

production in which the fermentation process can be carried out by a single microorganism. 

The flexibility in the scale of production and the ability to produce biogas from waste, which 

reduces the effect of feedstock cost on biogas production, makes biogas production and 

utilisation a good solution in addressing both waste and energy challenges at small, medium 

and large scales [121]. 

The process of biogas production includes the preparation of the substrates for digestion [122] 

in addition to the AD steps, namely hydrolysis, acetogenesis, acidogenesis and methanogenesis 

[123]. As the AD steps are linked, any negative development on any of the preceding steps has 

a direct effect on the other steps involved in the biogas production process which would make 

the biogas bioreactor to become unstable or come to a complete halt [124]. The challenges 

associated with large-scale biogas production is mainly due to low biogas yield, high retention 

time, and high investment cost [125]. From a process perspective, these challenges can mainly 

be related to temperature fluctuations, foam formation, feedstock composition, feeding 

problems, pH changes and bioreactor cost with its associated problems [125]. Hence, a good 

bioreactor design, proper operations and the use of a cost-effective bioreactor was the approach 

with the textile-based bioreactor for biogas production. This was effective in addressing 

challenges due to temperature fluctuations, foam formation, feeding or mixing problems and 

other bioreactor-associated challenges (such as high investment cost) (Paper V and VI). 
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Waste, biomass and residues are considered the most abundant renewable resources globally 

[126]. However, the potential that lies with producing biogas from these abundant resources 

has not been fully realised. For example, 17 billion tons of solid waste is generated annually 

by people [127] with the projection estimating it to reach 27 billion tons/year from 2050 [128], 

while 2.5–3.75 tons of wastewater are produced for every ton of produced vegetable oil [129] 

and 160.59 × 106 MT of vegetable oil was produced in 2012 [130]. Using a methane yield of 

265 Nm3/ton-VS from municipal solid waste with a volatile solid (VS) composition of 10 % 

and a methane yield of 350 Nm3/ton-VS from wastewater from vegetable oil production which 

contains of 4 % VS [126], a total of 4.58 × 1011 Nm3 of methane could be produced if those 

waste materials were used for biogas production. Taking palm oil mill effluent (POME) the 

waste water from palm oil processing as example, the amount of biogas produced is usually 

below the theoretically possible value because of challenges such as the acidic pH of POME 

(3.4–5.2), high COD (15–150 g/L) and the release of high inhibitory concentrations of volatile 

fatty acids (VFA) which can hinder the methanogenesis process [131]. This challenge was 

addressed using a flocculating bacterial concentration of 0.625 g-COD substrate/g-VS 

inoculum at 37 °C or 0.313 g-COD substrate/g-VS inoculum at 22 °C. This resulted in a 

methane yield of 180 NmL/g-VS at 37 °C and 140 NmL/g-VS at 22 °C (unpublished data). 
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5. Economics of textile-based bioreactor using ethanol 

and biogas production as case studies 

 

5.1 An overview on techno-economic analysis 

The main goal of any production or manufacturing facility is to continue to generate profit from 

the entirety of its operations. Before starting a project or production facility, a techno-economic 

analysis is normally performed to obtain an estimate on how economical the project would be. 

Fermentation is the heart of biologically based production; hence, it is important that its overall 

economics is favourable, as the fermentation investment cost could contribute up to 30 % of 

the total equipment investment cost of the facility [26]. The economic parameters used for 

evaluating the profitability of using the textile-based bioreactor were capital or investment cost, 

operating cost, payback period (PBP), internal rate of return on investment (IRR) and net 

present value (NPV). 

The investment and operation costs associated with any bioreactor directly affect the 

economics of choosing between using one bioreactor over another; how well the bioreactor 

functions as determined by factors like product yield, productivity or batch completion time 

affects the overall economics of the facility where the bioreactor is used. How all these factors 

relate to the overall production cost on a yearly basis (annual production cost: APC) is shown 

in Equation 5.1 [132], where Y is the product yield, FC is the feedstock cost, ACE is the annual 

capital expenditure, OC is the operating cost, EC is the electricity credit and Ye is the electricity 

yield.  

Annual production cost (APC) = FC/Y + (ACE + OC) – Ye.EC     5.1 

When the cost of feedstock is high and contributes the highest annual cost burden to the 

production facility, then it is very important that the product yield from the bioreactor is high 

so as to minimise the overall impact the high feedstock cost would have on the APC [133, 134]. 

If the production cycle time is high or the productivity is low, then it is important that the sum 

of the ACE and OC is low to reduce their overall contribution to the APC [135, 136]. As the 

feedstock cost is outside the control of bioreactor designers or operators, the goal of an 

economically favourable bioreactor would be that the design of the bioreactor is suitable for 
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attaining a high product yield from operating the bioreactor while also keeping its associated 

capital and operating costs low.  

 

5.2 Economic comparison of textile-based bioreactor with conventional 

bioreactors 

The capital expenditure needed for procuring stainless-steel vessels, the predominating material 

of construction for the conventional bioreactors used in the industry [20], can be estimated using 

Equation 5.2, where CE is the capital expenditure or investment cost ($), Fm is a material factor 

(2.4 for 304 stainless steel) and V is the volume (gallons) [137].  

CE = Fmexp[11.662-0.6104(lnV) + 0.04536(lnV)2]       5.2 

This capital expenditure (CE) equation can be updated to give the 2017 cost of the vessel using 

the projected Chemical Engineering Plant Cost Index (CEPCI) for 2017, which is 574.1, based 

on the current low oil price [138] as shown in Equation 5.3.  

Cupdated = C (Iupdated/I)          5.3 

Using Equations 5.2 and 5.3, the capital expenditure needed for any volume of stainless-steel 

bioreactor vessels can be estimated. Equations 5.2 and 5.3 do not include the cost associated 

with designing or including bioreactor features into the bioreactor vessel. The average cost 

needed to include bioreactor features into a stainless-steel vessel and to install it in a facility is 

typically 1.7 times its procurement cost [137]. Combining the installation cost with the vessel 

cost gave the bioreactor costs summarised for selected volumes in Table 5.1. The installed cost 

for a textile-based bioreactor vessel is $150/volume for small-scale applications (in volumes of 

2 m3), $100/volume for medium- to large-scale applications (volume in 100s of m3) and 

$70/volume for large-scale applications (volume in 1000s of m3) (Paper V). A comparison 

between the cost for some bioreactor volumes if they are made with stainless steel or made 

with the textile material is shown in Table 5.1. From the table, it can be seen that the textile-

based bioreactor is at least 6.8 times less expensive than the stainless-steel bioreactor. Taking 

an ethanol production facility of capacity 100,000 m3/year as an example, using a 1000 m3 

textile-based bioreactor instead of a stainless-steel bioreactor can reduce the fermentation 

investment cost of the facility by 21 % (Paper I). 
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Table 5.1: The installed cost of a bioreactor volume if made with stainless steel or textile material 

Bioreactor size 

(m3) 

Procurement cost of textile 

based bioreactor vessel ($) 

Procurement cost of 304 stainless steel 

bioreactor vessel ($) 

100 10 000 184 000  

200 20 000 234 000 

300 30 000 272 000 

400 40 000 308 000 

500 50 000 340 000 

1000 70 000 476 000 

 

 

5.3 Improving the economics of fermentation processes using the 

textile-based bioreactor  

To achieve optimal productivity with any bioreactor, it is important to maintain the bioreactor 

at the optimal conditions needed by the fermenting microorganism. Maintaining these 

conditions (such as temperature control or mixing) contributes to the operation and investment 

costs of a fermentation-based facility. Taking ethanol production as an example, baker’s yeast 

would optimally produce ethanol at 30 °C, pH 4–6, and with good mixing [139]. Under optimal 

conditions, an ethanol specific productivity of 1.34 ± 0.02 g/L/h was attained in the textile-

based bioreactor, while a specific ethanol productivity of 0.53 ± 0.02 g/L/h was obtained 

without temperature control or mixing (Paper I). Optimal ethanol productivity can be realised 

in non-optimal conditions by using a bioreactor volume 2.5 times that needed under optimal 

conditions. Doing this for a 100,000 m3/year ethanol facility would reduce the fermentation 

investment cost of the facility by 26 %. 

The low investment cost of the textile-based bioreactor also aids in making fermentation-based 

processes more attractive. For example, dry anaerobic digestion of solid waste in the textile-

based bioreactor is a more economically favourable approach of handling solid waste than 

paying waste managers to collect the waste or composting (Paper V). This is evidenced by the 

positive net present value (NPV) and the internal rate of return (IRR) particularly at small scale. 
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As the scale of waste generation increased, after a biomass adaptation time of 325 days, dry 

anaerobic digestion in the textile-based reactor would still be preferred to composting from an 

economic perspective (Figure 5.1).  
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Figure 5.1: The net present value and the corresponding internal rate of return analysis for replacing waste 

collection by waste managers and composting with dry anaerobic digestion for small scale (A), mid-scale (B) 

and large scale(C) with no inoculum acclimatisation and dense feedstock (■), 234 days for inoculum 

acclimatisation with less dense feedstock (■) and 325 days for inoculum acclimatisation with less dense 

feedstock (■). 
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6. Upscaling the textile-based bioreactor 

 

Despite the benefits of the textile-based bioreactor over conventional stainless steel-based 

bioreactors that include process flexibility, ease of transportation, installation, portability and 

low cost, if the bioreactor is to be used for medium- to large-scale applications, it is important 

that safety is assured. Conventional stainless-steel bioreactors are designed as pressure vessels, 

so that they can contain the pressure exerted on them during sterilisation or that exerted by the 

liquid contained in them [63]. This way, safety is assured when they are used. This concept of 

designing bioreactors as pressure vessels was extended to the textile-based bioreactor to 

estimate how safe it would be to use the bioreactor for medium to large-scale purposes. 

Pressure vessels are either thick walled or thin walled, depending on the thickness of the 

material. Thin-walled pressure vessels have a wall thickness-to-radius ratio less than or equal 

to 1/20 [63]. This means that thin-walled pressure vessels would offer no resistance to bending, 

and the stress on it is distributed through its thickness, resulting in only membrane stresses. 

Therefore, the textile-based bioreactor is a thin-walled pressure vessel. The thin shell theory is 

usually used for calculating the stress in a thin-walled vessel. However, the thin shell theory 

cannot be directly applied in determining the stress in the textile-based bioreactor for the 

following reasons: the bioreactor will not have the same pressure at all points, and will not have 

a specific shape at all times because the shape will change with changes in pressure and the 

volume of fluid in the bioreactor [140].  

 

6.1 Defining the shape of the textile-based bioreactor 

To prevent failure, which would occur when the membrane stress in the bioreactor exceeds the 

material’s intrinsic tolerance values as determined by its Young’s modulus [65], it is important 

to be able to accurately determine the stress exerted on the bioreactor [61]. To calculate stress, 

it is important to be able to define the shape of the bioreactor mathematically. Defining the 

shape of the bioreactor is challenging because changes in pressure or liquid volume in the 

bioreactor always changes its shape. To overcome this challenge, the curvature (k) of the 

bioreactor was defined as a function of pressure, so that changes in pressure can be incorporated 

into defining the shape of the bioreactor (Paper III).  
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To mathematically define the shape, a reference frame was used where position and altitude 

were considered using the top height of the liquid level as the origin [141], so that every height 

below the top of the liquid level was negative. The only positive height was that due to the gas 

if present (Figure 6.1). The mathematical equations for defining the shape are shown in 

Equations 6.1–6.4, and Equation 6.4 is the differential equation that connects the curvature (k), 

the bioreactor strip length (x) or height (y) and the arc length of the bioreactor material in one 

dimension (S) together [142]. The other parameters are the directional angle of the tangent to 

the curve (α), the static pressure above the liquid in N/m2 (P0), the liquid height in meters ( ) 

which is defined with respect to the y axis according to Equation 6.3, the acceleration due to 

gravity in m/s2 (g), the fluid density in kg/m3 (ρ) and the membrane stress force or tension per 

unit length in N/m (T).  

 

k = dα
ds            6.1 

k = P0−y_gρ
T            6.2 

= {y, y ≤ 0  
0, y > 0 6.3

{
d2x
ds2

d2y
ds2

=   k dy
ds

 = − k dx
ds

          6.4 
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Figure 6.1: Reference frame for defining the shape of the textile-based bioreactor. 
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6.2 Membrane stress simulation in the textile-based bioreactor 

The shape equations (Equation 6.1–6.4) were simplified to first-order differential equation 

forms and the resulting differential equations were solved numerically using MATLAB® 

ODE45 solver [143]. An iterative process was used to find the corresponding tension per unit 

length (T), the gas height (Hg) and the static pressure (P0) for a given bioreactor volume, length 

and working capacity as shown in Table 6.1 (Paper III).  

 

Table 6.1: Simulation result from numerical analysis of textile-based bioreactor volumes from 100 to 1000 m3 

Specified parameters Final iterative values Calculated values  

Volume of 

bioreactor 

(m3) 

Specified 

length (m) 

Working 

capacity  

Width of 

bioreactor 

(m) 

Tension 

per unit 

length 

(N/m) 

Gas 

height 

(m) 

Static 

pressure 

(N/m2) 

Liquid 

height in 

the 

bioreactor 

(m) 

Perimeter 

of 

bioreactor 

(m) 

Flat base 

length of 

the 

bioreactor 

(m)         

100 20 0.84 7 1000 0.22 58 0.63 14.57 6.63 

200 23 0.80 9 1500 0.44 85 0.77 18.94 8.65 

300 35 0.80 9 1500 0.44 85 0.77 18.94 8.65 

400 33 0.84 11 2200 0.33 72 0.94 23.44 10.75 

500 30 0.80 14 2600 0.44 73 1.02 28.21 13.04 

1000 50 0.83 15 3500 0.45 92 1.18 30.20 13.87 

 

As the simulation process can be time consuming, an equation was generated for calculating 

the tension per unit length (T) when the liquid height (h), gas height (Hg) and static pressure 

(P0) in the bioreactor are known (Equation 6.5).  

T = 0.5P0(h + Hg) + 0.25ρgh2         6.5 

However, the liquid height usually changes based on the bioreactor geometry and the volume 

of liquid in the bioreactor. Hence, an equation for estimating the liquid height (h) for 

bioreactors between 100–1000 m3 using the product of the volume per unit length (A) and the 

working capacity or volume fraction occupied by liquid (WC) and the width of the bioreactor 

(W) (Equation 6.6).  

WC.A = 0.968W.h – 0.0755         6.6 
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Using Equations 6.5 and 6.6 for calculating the liquid height and tension per unit length for 

different bioreactor volumes resulted in a maximum of 3 % deviation (i.e. overestimation or 

underestimation) in the value of the liquid height from simulation and 6 % maximum variation 

in the tension per unit length calculated from simulation (Paper III).  

 

 6.3 Selection of appropriate material of construction 

When the bioreactor does not have an external reinforcement, the stress that would be exerted 

on it when in operation can be estimated using Equations 6.6 and 6.7. For any bioreactor 

volume, the higher the liquid height, the more the tension (Paper III), and one way to reduce 

the liquid height would be by increasing the width of the bioreactor. Taking a 1000 m3 

bioreactor with a length of 50 m as an example, for the same working capacity, if the width is 

7.5 m, the tension per unit length would be 20000 N/m, while the tension per unit length can 

be reduced to 800 N/m by increasing the width to 30 m. Knowing the area the bioreactor would 

occupy can aid in designing the bioreactor with a width that minimises the stress that would be 

exerted on it. This can aid in selecting an appropriate material for fabricating the bioreactor. 

Taking a 1000 m3 bioreactor with calculated tension per unit length of 3360 N/m as an example, 

a pressure allowance factor of 1.5 times the resultant tension in both direction of the bioreactor 

would be needed to prevent failure [20]. If the thickness of the bioreactor is 0.75 mm, then the 

stress exerted on the bioreactor would be 14.2 MPa. Polymeric materials are usually used for 

fabricating collapsible tanks, and polyvinyl chloride (PVC) with a tensile strength between 7 

and 25 MPa is the most used option [144]. The tensile strength of PVC can be increased up to 

280 MPa when they are combined with some other materials to make composites [144], but 

making composites also increases the cost of the material. Hence, using textile which is a cheap 

reinforcement material is an economically favourable approach [145].  

Initially, the polymeric material used in making the textile-based bioreactor was polyvinyl 

chloride (PVC), but recently polyamide (PA) has been introduced as a better material of 

construction for the textile-based bioreactor [76]. 
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7. Conclusion and future recommendations 

 

7.1 Major findings and conclusion 

Good bioreactor design is essential for achieving optimal fermentative production. The 

textile-based bioreactor introduced in this thesis was designed and developed for aerobic and 

anaerobic fermentation and it was tested using ethanol and biogas production. The bioreactor 

could reduce the fermentation investment cost by 21 % or more, introducing flexibility and 

addressing several technical problems associated with both anaerobic and aerobic fermentation 

production process. The key findings from this thesis are as follows. 

❖ With the introduction of temperature control to the bioreactor, ethanol productivity 

increased by 200 %. Two temperature control systems were developed for the 

textile-based bioreactor, one for anaerobic application suitable for bioreactors with an 

area-to-volume ratio of approximately 1 or higher and another aerobic application for 

bioreactors with an area-to-volume ratio less than 1. 

❖ The bioreactor was designed to address the mass transfer limitation associated with 

microorganisms having self-aggregating tendencies, pellet and filamentous 

morphologies as evidenced by the reduction of the fermentation time at low bulk 

flowrate. This was done by increasing the contact area inside the bioreactor. Further, 

the oxygen mass transfer limitation was addressed. 

❖  Mixing systems were developed for aerobic and anaerobic fermentation. Mixing time 

less than 1 h was obtained for limiting substrate or product condition. With the 

appropriate mixing system design, a dilution rate of 1/h can be used in the bioreactor 

without washout for microorganisms such as flocculating yeast with an average settling 

velocity of 0.01 m/s.  

❖ Rheological studies showed that the textile bioreactor can be used at the high aeration 

rate of 1.4 VVM for viscous substrates with minimised foam formation and stabilisation 

tendencies. 

❖  From the simulation of the stress that would be acting on the bioreactor from 100–1000 

m3, the tension per unit length was found to be between 300–20000 N/m, and the stress 

can be reduced by reducing the liquid height inside the bioreactor.  
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7.2 Future recommendations 

Due to the limitation of time, several interesting areas which could affect the safety, economics, 

application and productivity of the textile-based bioreactor were not covered in this thesis. 

They are recommended for future research or applications of the textile-based bioreactor as 

follows.  

❖ Additional safety studies. In addition to failure due to pressure from the fluid volume 

in the bioreactor, temperature also causes stress on the bioreactor when in application 

or during sterilisation. Performing a thermal stress analysis can aid both in ensuring 

safe applications of the bioreactor and in material selection for the bioreactor. Corrosion 

analysis can also be performed on the material to determine the effect of prolonged 

exposure of the material to corrosive fermentation media. 

❖ Integration of fermentation processes and its economics. The flexibility of the textile 

bioreactor means that it can be switched from one fermentative production to another. 

However, several technical issues may arise from doing this and it is important 

understand the challenges that such a switch will pose to the bioreactor design. 

Additionally, a techno-economic analysis needs to be performed to quantify the 

profitability or otherwise of using the textile bioreactor for integration of different 

fermentation processes. 

❖ Application for other fermentative products. As other fermentative production 

processes may have challenges different from those experienced for biofuel production, 

it is important that the design of the bioreactor for those applications address those 

challenges.  

❖ Computational fluid dynamics. Performing a computational fluid dynamics simulation 

on the textile-based bioreactor can help in further improving the efficiency of mixing 

and the homogenisation of the content of the bioreactor, particularly for high-viscosity 

applications.  
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Abstract: The conventional materials for constructing bioreactors for ethanol production 
are stainless and cladded carbon steel because of the corrosive behaviour of the fermenting 
media. As an alternative and cheaper material of construction, a novel textile bioreactor 
was developed and examined. The textile, coated with several layers to withstand the 
pressure, resist the chemicals inside the reactor and to be gas-proof was welded to form a 
30 L lab reactor. The reactor had excellent performance for fermentative production of 
bioethanol from sugar using baker’s yeast. Experiments with temperature and mixing as 
process parameters were performed. No bacterial contamination was observed. Bioethanol 
was produced for all conditions considered with the optimum fermentation time of 15 h 
and ethanol yield of 0.48 g/g sucrose. The need for mixing and temperature control can be 
eliminated. Using a textile bioreactor at room temperature of 22 °C without mixing 
required 2.5 times longer retention time to produce bioethanol than at 30 °C with mixing. 
This will reduce the fermentation investment cost by 26% for an ethanol plant with 
capacity of 100,000 m3 ethanol/y. Also, replacing one 1300 m3 stainless steel reactor with 
1300 m3 of the textile bioreactor in this plant will reduce the fermentation investment cost 
by 19%. 
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bioreactors are designed to have very low surface area to volume ratio, which increases the cooling 
requirements of the bioreactor [11]. 

This paper introduces a novel bioreactor for producing bioethanol made from textiles. The textile 
bioreactor has the potential for higher flexibility in ethanol production. Its lower cost compared to 
stainless steel, could lead to a reduction of the cost of producing bioethanol, thereby making 
investments in the ethanol market more attractive. 

2. Results and Discussion 

The textile bioreactor used in this work is a novel bioreactor for producing bioethanol. It is made from 
a backbone of textile which is coated with several layers of polymers to make it resistant to chemicals, 
gas and liquid leakage. It is flexible, long lasting and can withstand temperatures up to 150 °C. Some of 
the advantages of using a textile bioreactor for bioethanol production include: it does not corrode,  
it can withstand the tough environmental conditions encountered during fermentation, it is a far 
cheaper alternative than the currently used bioethanol bioreactors, it is light, and designed for easy and 
safe transportation, installation and operation, and it is ultraviolet irradiations (UV) resistant, it can  
be sterilized with steam at 121 °C and with chemicals. It was originally developed for biogas 
production [13], but it was never examined for any other fermentation products. In this work, this new 
textile bioreactor was developed for bioethanol production, its performance was examined and the 
results are presented here. 

2.1. Textile vs. Other Materials for Construction of Bioreactors 

The materials used for constructing bioreactors must be able to withstand the physiochemical 
conditions encountered while running the bioreactor and during clean-up and sterilization [14].  
Apart from stainless steel, other materials that could be used for making bioreactors include carbon 
steel, borosilicate glass, polytetrafluoroethylene (PTFE) plastic, and ceramics [14]. Only stainless steel 
304 and to a lesser extent reinforced carbon steel are currently being used to make industrial ethanol 
bioreactors. The other materials are normally added to stainless steel bioreactors at specific points for 
certain purposes (e.g., borosilicate glass used in sight glasses) [14]. 

Bioethanol is produced by fermentation. Bioethanol fermentation takes place under slightly acidic 
conditions (pH between 4 and 6), temperatures ranging from 25 to 38 °C, generally without oxygen, 
and in a liquid medium. Ensuring that only the desired microorganism is what grows in the bioreactor 
is necessary to ensure the fermentable sugars are converted to the product of interest [15].  
It is essential that the material used for constructing bioreactors for producing bioethanol does not 
affect the fermentation process and can be sterilized when needed. For all the experiments performed 
in the textile bioreactor, it was autoclaved for sterilization at 121 °C for 20 min and 2 bar pressure. 
This created a sterile working condition for the textile bioreactor. There were no incidences of 
bacterial contamination in all the experiments performed in the textile bioreactor, as there were no 
areas for harbouring unwanted microorganisms, which is one of the main reasons why stainless steel is 
used as the current material for making bioreactors [16]. The material of construction of the textile 
bioreactor has been proven to resist diverse environmental conditions (pH 3–12) [13]. In addition the 
material when burnt does not ignite, but rather forms a semi-solid composite which recoils inward, 
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1. Introduction 

We live in a world where there is an ever-increasing demand for energy. The transportation sector 
accounts for a high proportion of the global energy demand, which is dominated by fossil fuels [1]. 
There has been growing interest in alternative fuel sources and ethanol has proven to be a viable 
alternative to fossil fuel in the transportation sector [2,3]. As the biofuels must compete with fossil 
fuels, any attempt to reduce their investment and operational costs will contribute to stimulate  
their consumption. 

Global production of ethanol, the dominating biofuel, has increased from 50 million m3 in 2007 to 
89 million m3 in 2013 [4], the production trends across the globe for this period are shown in Table 1. 
Future forecast shows that global demand for ethanol will continue to increase to an estimated value of 
100 million m3 in 2015 [5]. For 10% w/w ethanol production in bioreactors, this will correspond to a 
total fermentation volume of 785 million m3. Despite this, the relatively cheaper price of petroleum 
makes some ways of ethanol production uneconomical, and it is also a hindrance to the commercial 
introduction of 2nd and 3rd generation ethanol into the fuel market. Several research projects have been 
performed on ethanol production to reduce its production costs [6]. 

Table 1. Global ethanol production from 2007 to 2013 by country or region in million m3 [4]. 

Country 2007 2008 2009 2010 2011 2012 2013 
USA 24.68 35.24 41.4 50.34 52.8 50.35 50.35 
Brazil 19 24.5 24.9 26.2 21.1 21.11 23.72 
Europe 2.16 2.78 3.94 4.57 4.42 4.46 5.19 
China 1.84 1.9 2.05 2.05 2.1 2.1 2.63 

Canada 0.8 0.9 1.1 1.35 1.75 1.7 1.98 
Rest of World 1.19 1.47 3.46 3.73 2.64 2.85 4.82 

World total 49.68 66.79 76.86 88.24 84.81 82.57 88.69 

Ethanol is nowadays produced principally by fermentation, where the excess heat of 580 kJ/kg 
sugar used should be continuously released [6], and the bioreactors must be cooled [7]. In addition,  
the cost of the fermentation process for a conventional 100,000 m3/y ethanol facility constitutes 11% 
of the total fixed capital cost of the plant [8]. In other word, the fermentation process has a large direct 
effect on the plant investment and operational costs [8]. 

A reactor is a vessel where transformation of reactants to products takes place. Reactors are generally 
designed using the operating conditions for the reactant to product transformation in mind, while also 
trying to maximise profit, ensure adequate safety and minimize environmental emissions [9].  
A fermentor or a bioreactor is a reactor that provides an environment suitable for the controlled growth 
of a microorganism which is responsible for producing a product of interest [10,11]. A bioreactor 
should be made of materials that are inert and do not facilitate the development of unwanted 
microorganisms [12]. It should provide adequate temperature control, operate well under sterilization 
conditions (with chemicals or temperature) [11], provide good contact area for the microbes and  
the substrate [9], have adequate charging inlet and discharging outlets, have a means of adequate  
sampling [11], and provide adequate time for the desired product to be produced [9]. Most conventional 
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Rest of World 1.19 1.47 3.46 3.73 2.64 2.85 4.82 

World total 49.68 66.79 76.86 88.24 84.81 82.57 88.69 

Ethanol is nowadays produced principally by fermentation, where the excess heat of 580 kJ/kg 
sugar used should be continuously released [6], and the bioreactors must be cooled [7]. In addition,  
the cost of the fermentation process for a conventional 100,000 m3/y ethanol facility constitutes 11% 
of the total fixed capital cost of the plant [8]. In other word, the fermentation process has a large direct 
effect on the plant investment and operational costs [8]. 

A reactor is a vessel where transformation of reactants to products takes place. Reactors are generally 
designed using the operating conditions for the reactant to product transformation in mind, while also 
trying to maximise profit, ensure adequate safety and minimize environmental emissions [9].  
A fermentor or a bioreactor is a reactor that provides an environment suitable for the controlled growth 
of a microorganism which is responsible for producing a product of interest [10,11]. A bioreactor 
should be made of materials that are inert and do not facilitate the development of unwanted 
microorganisms [12]. It should provide adequate temperature control, operate well under sterilization 
conditions (with chemicals or temperature) [11], provide good contact area for the microbes and  
the substrate [9], have adequate charging inlet and discharging outlets, have a means of adequate  
sampling [11], and provide adequate time for the desired product to be produced [9]. Most conventional 



Energies 2014, 7 7559 
 

 

The purchase cost for a 1000 m3 textile bioreactor is $100,000. Table 3 shows the purchasing cost 
of different reactor sizes, for both the developed textile bioreactor and stainless steel reactors. The 
purchasing cost of stainless steel reactor was estimated using Equations (1) and (2) (see Section 3.5). 
For all reactor volumes considered, the purchasing cost of the developed textile bioreactor was far less 
than half the purchasing cost of the stainless steel bioreactor. Considering a 100,000 m3/y ethanol 
production facility using sucrose as its raw material and having a fermentation time between 10 and  
15 h [22,23], this plant will require a bioreactor volume between 1000 and 1500 m3 for the 
fermentation only. If this plant has just one 1300 m3 stainless steel bioreactor, replacing this with a 
1300 m3 textile bioreactor will reduce the fermentation investment cost by 19%, and the total plant 
investment cost of the facility by 2.1%. 

Table 3. Purchasing cost of developed textile bioreactors and 304 stainless steel reactors. 

Reactor Size  
(m3) 

Purchasing Cost of  
Developed Textile Bioreactor ($) 

Purchasing Cost of  
304 Stainless Steel Reactor ($) 

500 66,000 201,000 
1,000 100,000 282,000 
1,300 130,000 325,000 
1,500 150,000 352,000 

2.3. Mixing and Temperature Control in the Textile Bioreactor 

The mass transfer in a bioreactor affects the net productivity of the system [11,24]. The two crucial 
aspects of mass transfer in a bioreactor are the uniform distribution of the product and substrate in the 
bulk liquid, and the transfer of substrate into the cells and the products out of the cells. Mixing helps to 
minimize local variation of concentration and temperature in a bioreactor [11]. Mixing in liquid media 
can be achieved by agitation, or with the aid of a stirrer, or by the use of a pump for recirculation, 
depending on the viscosity of the liquid and if it media is single- or multi-phased [25]. For the textile 
bioreactor, mixing was performed using a recirculation pump. To determine the effectiveness of the 
mixing in the bioreactor and the possibility of it being used for continuous fermentation, experiments 
were performed where samples were collected from the sampling point at the centre of the textile 
bioreactor and from the exit pipes from the bioreactor. One of the basics of a continuous stirred tank 
reactor (CSTR) is having same concentration in the reactor as what leaves the reactor. From Figure 1, 
it is clearly observed that there is no significance difference between the concentration in the 
bioreactor (samples from the centre of the reactor) and that leaving the bioreactor (samples from the 
exit pipe). This shows that there is the possibility of the textile bioreactor being used for batch,  
fed-batch, and continuous fermentation. In addition to ensuring uniform substrate and product 
distribution in the textile bioreactor, the mixing also helped to provide a good transfer of substrate into 
and products out of the yeast (Figure 1), as the sugar was fully consumed about the same time as peak 
ethanol concentration was reached. Thus the mixing by recirculation in the textile bioreactor  
is effective. 
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making the bioreactor fire resistant. The material was designed to have high tensile strength with high 
flexibility to make its assembly and disassembly easy. Table 2 shows some advantages and 
disadvantages of using certain materials of construction for ethanol bioreactors. Considering these 
features and the comparison in Table 2, as a bioreactor material of construction, the textile bioreactor 
is an excellent choice for bioethanol production. 

Table 2. Advantages and disadvantages of possible materials for construction for ethanol 
bioreactors [14,17,18]. 

Material Modification Advantage Disadvantage 

Textile 
Layered with 
some polymers 
and UV filter 

Portable. 

Currently a horizontal vessel. 

Corrosion proof. 
Good sterility. 
More cost effective than stainless steel. 
Can withstand high temperature. 
Leak proof. 
Long life span. 
Can be designed to have regions that are 
transparent, for easy process monitoring. 

Stainless  
steel 304 

– 

Cheapest of all the stainless steel. 

Quite expensive. 

Leak proof. 
Good sterility. 
Can withstand high temperature and 
pressure. 
Corrosion proof. 
Long life span. 

Carbon steel 
Reinforced with 
stainless steel 

Cheaper than 304 stainless steel. 
Corrosion and contamination. 

Leak proof. 
Borosilicate 
glass 

– 
Transparent. 

Very fragile. 
Inert to chemicals. 

Plastic – 
Very portable. Leaks and short life span. 
Cheap. High chances of contamination. 

Ceramics – 
Chemically stable. Brittle. 
Wear resistant. Prone to thermal shock. 

2.2. Reactor Cost Comparison 

A major challenge facing biofuel production is its economic feasibility [19]. Bioethanol production 
consists of the collection of feedstock, pre-treatment of feedstock (if the feedstock is starch or 
lignocellulosic based), fermentation, distillation and possibly dehydration [20]. The fermentation cost 
of a 100,000 m3/y ethanol production facility contributes 11% of the total plant cost, while the 
bioreactor cost makes up 32% of the fermentation cost [8]. In this section a comparison is made 
between the investment cost of stainless steel bioreactors and textile bioreactors excluding operation 
cost (maintenance and installation cost). Typically, the installed cost (investment and operation cost) of 
a stainless steel reactor is 1.7 times its purchase cost [21], while that of a textile bioreactor is 1.5 times 
its purchase cost [13]. 
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Figure 2. Concentration of sucrose (●) and ethanol (■) on the primary axis, and glycerol (▲) 
on the secondary axis with time, at 30 °C and with mixing. 

 

Figure 3. Concentration of sucrose (●) and ethanol (■) on the primary axis, and glycerol (▲) 
on the secondary axis with time, at 30 °C without mixing. 

 

Figure 4. Concentration of sucrose (●) and ethanol (■) on the primary axis, and glycerol (▲) 
on the secondary axis with time, at room temperature of 22 °C (a) with and (b) without mixing. 
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Figure 1. Concentration of sucrose (●) and ethanol (■) on the primary axis (left side), and 
glycerol (▲) on the secondary axis (right side), with samples taken from the exit pipe (a) 
and centre of the reactor (b) with time, to determine the effectiveness of mixing  
by recirculation. 

  
(a) (b) 

Temperature control is essential for optimal product formation as every microorganism has a 
temperature range in which it functions optimally. For anaerobic condition that for S. cerevisiae is 
around 30 °C [15]. For lab scale production heat is normally added to the system while for the large 
industrial bioreactors with low surface to volume ratio, cooling is necessary [11]. Because of the nature 
of the material used for the developed textile bioreactor, cooling can easily be achieved by 
recirculation of chilled water, while heating can be achieved with hot water. The area to volume ratio 
of a 1000 m3 textile bioreactor is 0.96, while that of a conventional 1000 m3 bioreactor having a height 
to diameter ratio of 3 it is 0.62. The higher area to volume ratio of the textile bioreactor makes cooling 
(or heating) easily achievable because the heat loss (or gained) by evaporation and radiation increases 
with increasing area to volume ratio. Temperature control was achieved in the textile bioreactor as 
described in Section 3.2. In addition, the recirculation of the fluid also helped to ensure temperature 
uniformity in every part of the reactor. Figures 2 and 3 shows the result of the experiments performed 
with temperature control, while Figure 4 shows the result of the experiments without temperature 
control. For both cases, ethanol yields greater than 87% of the theoretical values were reached, while 
the experiments where temperature was maintained at 30 °C had higher fermentation rates and peak 
product concentrations were reached in less than 24 h. This shows that the temperature control 
developed for the textile bioreactor is effective. 
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volume of the textile reactor without temperature control and mixing than a smaller bioreactor volume 
with temperature control, mixing and agitation. 

Comparing the scenario where there is mixing but the textile bioreactor is operated at 22 °C, the 
size of the reactor in this case would be 2.44 times the size of that operated at 30 °C. Using a 1000 m3 
bioreactor at 30 °C will cost $282,000 while a 2440 m3 textile bioreactor running at 22 °C will cost 
$250,000. However running the textile bioreactor at 22 °C with mixing will only reduce the 
fermentation cost by 2%, which is not as economical as 26% cost reduction obtained by running it at 
22 °C without mixing [8]. 

For all experiments performed in the textile bioreactor there were no incidences of bacterial 
contamination. From the results, experiments performed at 30 °C had faster fermentation rates than the 
ones performed at room temperature. For a continuous process, both temperature control and mixing 
will be essential to achieve high dilution rate. The results of the experiments show that the textile 
bioreactor can be used for bioethanol production at different conditions of temperature and mixing. 

3. Experimental Section 

3.1. Microorganism 

Dry ethanol red yeast (Saccharomyces cerevisiae) from Fermentis (Strasbourg, France) was used 
for the fermentation. A starting concentration of 1 g/L of the dry yeast was used. 

3.2. Textile Bioreactor 

A schematic of the lab scale prototype of the developed bioreactor is shown in Figure 5. The 
material of construction (MOC) was a textile backbone coated with several layers to protect against 
pressure, chemicals in the reactor, weather conditions and to be gas proof. The material was developed 
by FOV Fabrics AB (Borås, Sweden) primarily for biogas reactors and it was welded to form a reactor 
by Kungsäter Industri AB (Kungsäter, Sweden). The lab scale bioreactor had a total volume of 30 L 
and a working volume of 25 L. The dimensions of the bioreactor were 100 cm length, 50 cm breadth, 
and 6 cm width. It had an opening of 4 cm diameter, which serves for sample collection; probe stand, 
thermometer stand, and gas exit. The dimensions of the outlet and inlet tapered from 9 to 4 cm at the 
bioreactor entrance, to allow for easy loading of the bioreactor. The dimension of the tubes connected 
to the inlet and outlet were 8 mm. 

The means for temperature control was made using Poly(vinyl chloride) (PVC) tubing of 50 m 
length and a woollen blanket; the PVC tubing was connected to a GD120 grant thermostatic circulator 
(GD Grant Instruments Ltd., Cambridge, UK). The tubing was wound 14 times, covering the whole 
perimeter of the textile bioreactor at the bottom, as such, Saccharomyces cerevisiae was not exposed to 
thermal shocks [12]. The tubing and the textile bioreactor were enclosed by the woollen blanket.  
The temperature of the thermostatic circulator was set at 33 °C. A 200 rpm Watson Marlow compact 
peristaltic pump (W-M Alitea AB, Stockholm, Sweden) was used for recirculation of the fluid in the 
reactor for mixing. 
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2.4. Fermentation in the Textile Bioreactor and Its Economics 

To determine how effective the textile bioreactor was for producing bioethanol, lab scale 
experiments were performed under different operating conditions. Temperature and mixing were 
varied, while the pH of all the experiments performed was around 6.0 ± 0.2. Figure 2 shows the result 
of the experiment performed in the textile bioreactor at 30 °C and with mixing. For this experiment,  
the yield of ethanol from the experiment (using the initial sucrose concentration of 44.2 g/L) was  
0.48 ± 0.01 g/g, which is 88% of the theoretical value, and it took an average of 15 h for the yeast to 
consume the sugar. Comparing this fermentation time with that from a similar work were 10 g/L of 
yeast was used and it required a fermentation time of 10 h [22], shows that the fermentation time is 
good. Thus fermentation takes place effectively well and at a good rate in the textile bioreactor.  
From Figure 2, the average of the peak ethanol concentration was 20.04 ± 0.53 g/L, using the average 
fermentation time gave the specific productivity to be 1.34 ± 0.02 g L−1·h−1. 

Figure 3 shows the result of the experiment where temperature was fixed at 30 °C without mixing. 
The yield of ethanol from the experiment was 0.49 ± 0.01 g/g, and it took an average of 20 h for the 
yeast to consume the sugar. Comparing Figures 2 and 3 shows that mixing did not affect the 
fermentation rate that much when temperature is held at 30 °C without mixing, as the specific 
productivity for this case was 1.04 ± 0.01 g L−1 h−1 in comparison to 1.34 ± 0.02 g L−1 h−1 with mixing. 
To produce the same amount of ethanol as that which is produced when mixing is controlled;  
the textile bioreactor volume used has to be 1.29 times the one used with mixing. Taking a 1000 m3 
bioreactor operating with mixing and temperature control, this bioreactor will cost $282,000 but a 
1300 m3 textile bioreactor will cost $130,000 (see Table 3). In addition, the cost of agitation and 
mixing in a bioreactor accounts for 24% of the fermentation cost of a 100,000 m3 ethanol/y production 
facility [8]. Using a textile bioreactor operated at 30 °C without mixing can eliminate the need for the 
cost of agitation and mixing, and it gives a bioreactor cost reduction of $152,000. 

Figure 4 shows the result of the experiment that was performed at room temperature of 22 °C with 
and without mixing. The ethanol yield from the experiment with mixing was 0.49 ± 0.01 g/g, and it 
took an average of 40 h for the yeast to consume the sugar, while that without mixing had an ethanol 
yield of 0.49 ± 0.02 g/g, and it took an average of 42 h for peak ethanol concentration to be reached. 
Mixing did not affect the fermentation rate that much as the specific productivity with mixing was  
0.55 ± 0.01 g L−1 h−1 while that without mixing was 0.53 ± 0.02 g L−1 h−1. This result shows that there 
is a possibility of running the textile bioreactor without temperature control and mixing. The slower 
fermentation rate from producing bioethanol at 22 °C can be accommodated by increasing the 
retention time and the bioreactor volume. Comparing Figures 2 and 4, the same amount of ethanol per 
hour will be produced in both cases if the volume of the textile bioreactor for the production without 
temperature control and mixing is 2.53 times that with temperature control and mixing. Taking a  
1000 m3 bioreactor with temperature control and mixing, the purchasing cost of a 1000 m3 bioreactor 
is $282,000 while that of a 2530 m3 textile bioreactor (consisting of one 1000 m3 reactor and one  
1500 m3 reactor) is $250,000 (see Table 3). In addition, operating the textile bioreactor without 
temperature control and mixing also reduces the total fermentation cost, as the cost of temperature 
control, mixing and agitation accounts for 26% of the fermentation cost in a 100,000 m3/y ethanol 
production plant [8]. For the same bioethanol production rate it is more economical to use a larger 
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The purchasing cost of a 304 steel reactor was estimated using Equation (1) [21], where V is the 
reactor volume in gallons and Fm is 2.4 for 304 stainless steel [21]. The Chemical Engineering Plant 
Cost Index (CEPCI) as at when Equation (1) was developed is 325.8 [21]. The capital cost was then 
updated to January 2014 values using Chemical Engineering Plant Cost Index (CEPCI) of 572.8 [26]. 
The updated cost was computed using Equation (2): 

C = Fm exp[11.662 − 0.6104(lnV) + 0.04536(lnV)2] (1) 

Cupdated = C (Iupdated/I) (2) 

4. Conclusions 

In this work, a novel bioreactor for bioethanol production was introduced. The bioreactor has textile 
as its core material of construction. For the experiments performed on a lab scale prototype textile 
bioreactor, the optimum result for possible continuous production of bioethanol was that obtained from 
the experiment performed at 30 °C and with mixing, having a yield of 0.48 ± 0.01 g/g and it took an 
average of 15 h for all the sugar to be fermented and peak bioethanol production level to be reached. 
For the same ethanol production rate, the need for mixing and temperature control can be eliminated 
by using a textile bioreactor 2.5 times the volume of that needed with temperature and mixing control. 
Doing this For a 100,000 m3/y bioethanol production facility will reduce the fermentation investment 
cost by 26%, while replacing a 1300 m3 stainless steel reactor with a 1300 m3 textile bioreactor 
running at 30 °C and with mixing will reduce the fermentation investment cost by 19% and the total 
plant investment cost by 2.1%. 
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Figure 5. Schematic diagram of the textile bioreactor lab scale prototype setup. 
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Abstract: Process development, cheaper bioreactor cost, and faster fermentation rate can 
aid in reducing the cost of fermentation. In this article, these ideas were combined in 
developing a previously introduced textile bioreactor for ethanol production. The bioreactor 
was developed to utilize flocculating yeast for ethanol production under anaerobic conditions. 
A mixing system, which works without aerators, spargers, or impellers, but utilizes the liquid 
content in the bioreactor for suspending the flocculating yeast to form a fluidized bed, was 
developed and examined. It could be used with dilution rates greater than 1.0 h−1 with less 
possibility of washout. The flow conditions required to begin and maintain a fluidized bed 
were determined. Fermentation experiments with flow rate and utilization of the mixing 
system as process variables were carried out. The results showed enhanced mass transfer as 
evidenced by faster fermentation rates on experiments with complete sucrose utilization after 
36 h, even at 30 times lesser flow rate. 

Keywords: flocculating yeast; textile bioreactor; ethanol; mass transfer; mixing; fluidization 
 

1. Introduction 

Increasing energy demand and environmental awareness have influenced the progressive rise in  
the production and utilization of bioethanol as a transportation fuel [1]. To boost the competitiveness of 
bioethanol to fossil fuel, particularly with the current low prices of fossil fuels, there is the need to 
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2. Methods 

2.1. Microorganism 

Naturally flocculating yeast strain S. cerevisiae CCUG 53310 (Culture Collection University of 
Gothenburg, Gothenburg, Sweden) was used for the experiments. The flocculating yeast cells were 
maintained on a yeast extract peptone dextrose (YPD) agar plate containing 20 g/L agar, 20 g/L  
D-glucose, 20 g/L peptone, and 10 g/L yeast extract at 4 °C. Before being used for fermentation, the 
flocculating cells were added into 800 mL YPD media containing 20 g/L D-glucose, 10 g/L yeast extract, 
and 20 g/L peptone in a 2 L cotton-plugged flask. Three flasks were incubated in a shaking water bath 
(Grant OLS 200, Grant instrument Ltd., Cambridge, UK) at 125 rpm and 30 °C for 48 h. The supernatant 
liquid from two of the flasks were discarded, and the sedimented flocculating yeast were rinsed with 
distilled water into the textile bioreactor for fermentation. The content of the third flask was used to 
determine the yeast concentration in the bioreactor. A starting concentration of 2 g/L dry weight of the 
flocs was used for all fermentation experiments. 

The average particle diameter for this yeast strain was measured using the optical density and 
sedimentation technique [12] and it was found to be between 190 to 320 µm. This was done by 
transferring samples of the cell culture to a tube in which the optical density was measured using a 
spectrophotometer at a wavelength of 660 nm for the various samples at different times. The optical 
density readings from the spectrophotometer were proportional to the flocculating yeast concentration. 
When all the flocculating yeast had settled (settling time), the optical density read from the 
spectrophotometer gave constant readings, which corresponded to the concentration of the free cells. 
Dividing the distance from which the flocculating yeast cells fell by the settling time gave the settling 
velocity. The average diameter of the flocs was calculated from Stokes’ law (see equation 4), using 
flocculating yeast density of 1140 kg/m3, viscosity of 0.798 × 10−3 Ns/m2 (i.e., viscosity of water at  
30 °C) and acceleration due to gravity of 9.81 m/s2. 

2.2. Textile Bioreactor and Its Development 

The bioreactor used for this work (Ethanolic textile lab reactor ETLRII, FOV Fabrics AB, Borås, 
Sweden), was a 30 L laboratory scale reactor with a working volume of 25 L. Its dimensions were  
110 cm length, 8 cm depth, and 34 cm width (Figure 1a). The inlet and outlet diameter were 5 cm. It had 
a 4 cm opening at the middle that served as a sample collection point, a gas outlet, and a thermometer 
stand. Tubing was connected to the inlet and outlet of the bioreactor for recirculation. 

A 12 m silicone peroxide tubing with 5 mm internal diameter and 8 mm external diameter (VWR 
International, Leuven, Belgium) was used as the internal mixing tubing in the bioreactor. Holes of  
0.42 mm at 1 cm intervals were made in the tubing. The tubing was wound around the perimeter of the 
bioreactor twice and then joined into five elliptical ribbons by plastic fasteners (Figure 1b).  
The tubing was kept in the liquid phase by means of ten stainless steel bolts, each having internal and 
external diameters of 2.4 and 3.5 cm respectively, and weighing 94.6 g. The two ends of the tubing  
used for mixing were connected to the inlet tubing from the pump. A peristaltic pump (405U/L2  
Watson-Marlow, Stockholm, Sweden) was used for recirculation, feeding, and discharging the content 
of the bioreactor. 
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continue increasing the productivity of the ethanol production process while reducing the production 
cost. Flocculation has proven to be advantageous in improving the productivity of the bioethanol 
production process [2]. Some of its benefits include production at high dilution rate, improved inhibitor 
tolerance, longer reuse of cells, reduced contamination tendencies at high dilution rate, reduced 
bioreactor cost because of smaller reactor volume [3], and ease of separating cell flocs from liquid 
medium in the bioreactor [4]. 

To effectively utilize flocculation, the size of the flocs and their settling characteristics need to be 
well understood. It is important that the floc size is large enough to prevent washout while being small 
enough to allow effective passage and mass transfer of the substrate into the cells and product out of the 
cells. To avoid washout, mechanical stirrers that break down the flocs are not usually used in bioreactors 
utilizing flocculating organisms [3]. Depending on the settling rate of the flocs, the contacting pattern 
that they would make in a bioreactor could result in fixed or fluidized bed. Fixed or fluidized bed systems 
have their benefits, but for optimal mass transfer and faster production rate, fluidized bed systems are 
more advantageous because of the larger contacting area of the flocs [5]. To create a stable fluidized 
bed, the flow rate has to be between the minimum to initiate fluidization and the maximum to prevent 
the flocs from being carried away from the bioreactor [5]. For these reasons, the design and operation of 
the bioreactor to be used for propagating flocculating microorganisms is quite important. Fluidization in 
bioreactors can be achieved either by aeration or by utilizing high flow liquid streams [6]. Currently, 
airlift bioreactors are the main type of bioreactor being used for utilizing flocculating yeast for bioethanol 
production [3]. 

Aeration is required when flocculating yeast is used in an airlift bioreactor for ethanol production [3]. 
This reduces the ethanol yield as ethanol is optimally produced anaerobically. Besides this, bioreactor 
cost is high, including aeration, generating more operation cost. Bioreactors for ethanol production have 
to be designed in a way that they do not hinder the activity of the microorganism within them, withstand 
the corrosive nature of fermentation media, and provide suitable environment and control needed to 
optimally produce the desired product(s) [7]. The overall goal in their design is to deliver the required 
functions and to be economical [8]. Conventional bioreactors for ethanol production are made using 
stainless steel as the major material of construction and constitute 32% of the fermentation investment 
cost in a typical 100,000 m3/year plant [9]. Reducing the cost of ethanol bioreactors will reduce the cost 
of ethanol production. Some polymeric materials (e.g., polyaniline) have good corrosion-resistance 
properties [10] and are cheaper than stainless steel, so they could be options for making ethanol bioreactors. 
However, some challenges regarding their use include their tensile strength and the effectiveness of 
mixing in the bioreactors made with them. A novel bioreactor with textile as its material of construction 
was recently introduced as a cheaper alternative to bioreactors made with stainless steel [11].  
The textile bioreactor has textile as its backbone material of construction which improves its strength [11]. 
In this paper, the conditions needed to maintain optimal contact of the flocculating yeast in the bioreactor 
were determined, and the textile bioreactor was developed accordingly. This enabled anaerobic production 
of ethanol with the flocculating yeast, while also maintaining good mixing in the bioreactor, thus creating 
optimal production conditions. 
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2.4. Analytical Methods 

Biomass was rinsed with distilled water and dried in an oven at 70 °C for 24 h, and its concentration was 
reported in g/L. Samples from the bioreactor were analyzed using a hydrogen-based ion exchange 
column (Aminex HPX-87H, Bio-road, Hercules, CA, USA) in a high performance liquid chromatography 
(HPLC) at 60 °C and 5 mM 0.6 mL/min H2SO4 eluent. A refractive index detector (Waters 2414, Waters 
Corporation, Milford, MA, USA) was used with the HPLC. Before being used for HPLC analysis, the 
samples were centrifuged for 5 min at 10,000× g and the liquid portion stored at −20 °C. Concentrations 
reported for all fermentation experiments were the amount determined by HPLC. 

Scanning for the highest peak was used to determine the best wavelength for measuring the 
absorbance of bromophenol blue samples from the bioreactor. The settling rate of the flocculating yeast 
used for the experiment was determined using a sedimentation column. Biomass concentration of  
2 g/L dry weight was released into a sedimentation column that was filled to 10 cm with the media for 
fermentation, and the content was mixed. The time taken for the flocs to settle to the base of the column 
was recorded as the settling time. The distance that the flocs settled from was divided by the settling 
time to give the settling velocity (Vs). 

2.5. Experimental Setup for Fermentation 

Fermentation experiments with and without internal mixing tubing and different flow rates  
(0.0016–0.06 VVM) as process variables were carried out anaerobically in the textile bioreactor. Sucrose 
(50–55 g/L) was used as the energy and carbon source for the flocculating yeast. It was supplemented 
with 1.0 g/L yeast extract, 7.5 g/L (NH4)2SO4, 3.5 g/L KH2PO4, and 0.75 g/L MgSO4 7H2O. The liquid 
volume in the reactor for all experiments was 25 L. Sucrose concentration dropped between  
51–45 g/L after the feed to the textile bioreactor was autoclaved. Each experiment was performed in 
duplicate. The error bars shown on all figures represent standard deviation values generated from the 
duplicated experiments. 

2.6. Fluidization of the Flocs in the Bioreactor 

The four forces exerted on a particle during free settling are shown in Equation (1) [14]. On the verge 
of fluidization, the drag force becomes equal to the pressure force acting on the flocs, and the force due 
to acceleration becomes zero [14]. The resulting force balance equation is shown in Equation (2). The 
minimum flow rate to establish this condition occurs when the superficial velocity (V0) is equal to  
the fluid upwards velocity (Vu). To prevent the flocs from be carried away from the bioreactor,  
the maximum fluid upwards velocity (Vumax) should be equal to the flocs’ settling velocity (Vs) [15].  
For Reynolds numbers less than 10, these velocities can be obtained from Equations (3) and (4) [15].  
Where ρp is the density of the particle, ρf is the density of the fluid, g is acceleration due to gravity, Dp 
is the particle diameter, μ is the viscosity, and ε is the void fraction. 

Force due to acceleration = Force due to gravity − Buoyancy force − Drag force (1)

Pressure force (Fp) = Force due to gravity (Fg) − Buoyancy force (FB) (2)

V0 = Vu = (ρp − ρf)gDp2ε3/150 μ (1 − ε) (3)
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Figure 1. Developed textile bioreactor showing internal mixing inside the bioreactor from 
(a) a side view, and (b) a top view of the internal mixing system inside the bioreactor. 

2.3. Mixing in the Bioreactor 

First 20 L distilled water was fed to the bioreactor. Then, 90 ± 5 mL of 100 ppm bromophenol blue 
solution was added to the bioreactor at one of its ends (hereafter referred to as the injection point). The 
content of the bioreactor was recirculated through the internal mixing tube at flow rates of 0.002 and 
0.015 volume per volume per minute (VVM). Samples were taken from the two opposite rear edges of 
the bioreactor. The absorbance of the samples was measured by a spectrophotometer (Biochrom Libra S60, 
Cambridge, UK) at 592 nm [13]. Mixing during fermentation was carried out by recirculation. To 
determine the effectiveness of mixing in experiments performed with internal mixing tubing, samples 
were taken from two sampling points, one at the center of the bioreactor and another at its edge. The 
samples were taken at a depth of 8 cm and from the surface of the liquid medium in the bioreactor. 
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3.1. Maintaining Optimal Flocs Contact in the Textile Bioreactor 

Increasing the surface contact area of enzymes or catalyst in the form of a fluidized bed generally 
increases the speed at which a chemical reaction takes place [14]. Thus, flocculating yeast retained in a 
bioreactor in the form of fluidized particles would result in more rapid utilization of the substrate in the 
bioreactor. Using Equations (5) to (7), different fluid upflow velocities and superficial velocities for 
different flow rates were generated, and their values are shown in Table 1. As seen in this table, the 
required velocity needed to begin fluidization is low. This is because the textile bioreactor prototype 
used for this analysis has a high surface area to volume ratio of 12.5 m2/m3. The superficial velocity 
reduces with increasing surface area to volume ratio, so the upflow velocity needed on the verge of 
fluidization would be less for bioreactors having a higher surface area to volume ratio. 

Table1. The fluid upflow velocity generated at different flow rate in the textile bioreactor. 
VVM: volume per volume per minute; V0: Superficial velocity; Vi: Fluid velocity; Vh: Fluid 
upflow velocity; Vs: Flocs settling velocity. 

Q (VVM) V0 (m/s) × 106 Vi (m/s) 
Vh at Different Hole Spacing (m/s) 

Vs (m/s) 
1 cm Spacing 5 mm Spacing 2 mm Spacing 

0.0016 1.78 0.03 0.004 0.002 0.001 0.01 
0.0120 13.37 0.25 0.030 0.015 0.006 0.01 
0.0160 17.83 0.34 0.040 0.020 0.008 0.01 
0.0320 35.64 0.68 0.080 0.040 0.016 0.01 
0.0600 66.84 1.27 0.151 0.075 0.030 0.01 

For continuous production of bioethanol using flocculating yeast, it is desirable to carry out the 
production at a high dilution rate and at the same time prevent washout. From Equation (8), washout 
could occur when the fluid upflow velocity (Vh) exceeds the flocs settling velocity (Vs). From Table 1, 
it can be observed that washout would occur in this textile bioreactor prototype if operated on a dilution 
rate greater than 0.72 h−1 (i.e., Q ≥ 0.012 VVM), as Vh is greater than Vs. One way to increase the dilution 
rate would be to increase the number of holes by reducing the space between consecutive holes in the 
mixing tubing. From Table 1, reducing the space between the tubes to 2 mm would allow the bioreactor 
to be operated at a dilution rate of 1 h−1 with lesser tendency for washout, as Vh equals Vs with this 
condition. Another possibility of increasing the dilution rate would be to use mixing tubing of a length 
longer than 12 m. For example, using 18 m long tubing at 2 mm spacing, from equation 7, at  
Q = 0.02 VVM (dilution rate of 1.2), Vh becomes 0.007 m/s, which is less than the settling velocity of 
0.01 m/s. Normally, at a dilution rate greater than the growth rate, washout would occur, but with this 
type of configuration for the mixing tubing, even with dilution rate higher than growth rate, washout 
would not occur. 

3.2. Mixing as a Means of Reducing Mass Transfer Limitations 

Efficient mass transfer is important for optimal performance in any bioreactor, as it helps to facilitate 
transfer of substrate into and product out of the microorganism, and prevent improper cell growth in the 
bioreactor [7]. Mass transfer is influenced by two factors: the diffusional flux between the cells and  
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Vumax = Vs = (ρp − ρf)gDp2/18 μ (4)

For the textile bioreactor prototype used in this work, the superficial velocity is defined in  
Equation (5), where Q is the liquid flow rate in m3/s and A is the surface area. The velocity of the fluid 
(Vi) going through the mixing tubing is defined in Equation (6), where Ai is the internal area of the tubing. 
Using the continuity principle, the velocity at which the fluid leaves the small holes in the tubing is 142 
(i.e., 2.52/0.212) times higher than that at which it enters [15]. However, as the tubing is 12 m long and 
the holes are spaced 1 cm apart, there were 1200 holes. So, the upward velocity (Vh) with which the fluid 
emerges would split accordingly. This is shown in Equation (7). For fluidization to begin and be 
sustained in the developed textile bioreactor, Equation (8) shows the governing criteria: 

V0 = Q/A = Q/(1.1 × 0.34) = 2.674Q (m/s) (5)

Vi = Q/Ai = Q/(π × ri2) = 5.094 × 104Q (m/s) (6)

Vh = 142 × Vi/1200 = 6.028 × 103Q (m/s) (7)

V0 ≤ Vh ≤ Vs (8)

2.7. Statistical Analysis 

All statistical analyses were performed with the MINITAB® software package. Results were analyzed 
with ANOVA (analysis of variance), using general linear model, and factors were considered significant 
when they had p-value less than 0.05. The analysis was performed on the results obtained from samples 
measured from the start of the experiment up until the 32nd hour, when stationary phase was reached. 
Ethanol and sucrose concentrations were used as the response variables, the position from which the 
sample was taken was used as the main factor, while time and number of runs served as blocking factors. 

3. Results and Discussion 

Possible ways to reduce the fermentation cost in a bioethanol plant includes process development, 
utilizing new and cheaper bioreactors, and making the separation process more efficient. This work 
combines these ideas in developing the textile bioreactor. The newly developed textile bioreactor has 
the high flexibility, ease of operation and installation, good mechanical strength, high thermal tolerance, 
low purchase cost, resistance to corrosive fermentation media, and ease of transportation of its previous 
prototype [11]. It has a new mixing system that eliminates the need for mixing by using either axial flow 
impellers or aeration spargers. This removes the purchasing and operational cost associated with the 
maintenance of those devices. A highly flocculating yeast strain with a settling rate of 1 cm/s was used 
to examine the performance of the developed textile bioreactor for bioethanol production. The efficiency 
of mixing (a measure of the mass transfer efficiency) in the developed textile bioreactor and the flow 
rate needed to maintain optimal contact between the flocculating yeast and bioreactor content were 
investigated in this work. 
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3.2.1. Mass Transfer Enhancement by Internal Mixing Tubing in the Textile Bioreactor 

The internal tubing had holes of 0.42 mm diameter which were 1 cm spread apart all through the 
textile bioreactor. Both ends of the tubing were connected to the input stream from the pump. The size 
of the holes and the continuous inflow of the liquid medium generate a pressure difference between the 
input stream and the fluid inside the tubing. A diameter of 0.42 mm was used because using a larger 
diameter would result in the incoming fluid leaving the tubing only from the entrance, and a smaller size 
would generate high back pressure on the pump. 

The holes in the internal tubing create upward flow of the liquid stream, which helps in re-suspending 
the settling flocs, thus improving the mass transfer rate inside the textile bioreactor. To test this idea, 
fermentation experiments were carried out in the textile bioreactor. Figure 3a shows the result with 
internal tubing to aid mixing at 0.0016 VVM, while Figure 3b shows the result when mixing is not aided 
at a flow rate of 0.032 VVM. A lower flow rate was used for the case with aided mixing to show that 
the result obtained was not due to the flow rate but due to the mixing system itself—as demonstrated in 
Figure 2a, higher flow rate has been shown previously to improve mass transfer. The same starting 
concentration of 2 g/L dry weight flocculating yeast was used in both cases. For the aided mixing case 
(Figure 3a), the fermentation process and sucrose consumption was complete after 36 h, while the 
unaided mixing experiment (Figure 3b) still had more than 4 g/L of unconsumed sucrose after 48 h. The 
longer time in Figure 3b is attributable to the settling of the flocs at the bottom of the textile bioreactor, 
which causes uneven consumption of the substrate in the reactor. The superficial velocity for Figure 3b 
from Table 1 is 3.6 × 10−5 m/s, which can be met by the velocity of the CO2 gas bubbles rising from the 
bottom of the reactor, at the onset of the fermentation experiment. This could explain the higher substrate 
consumption during the first 28 h of fermentation than in the latter part. However, when the sucrose at 
the bottom of the reactor is consumed, there will no longer be CO2 bubbles to re-suspend the settled 
flocs, so the flocs at the bottom of the reactor, because of the mass transfer limitation, would go into the 
stationary phase faster, resulting in longer fermentation time or incomplete utilization of the substrate. In 
Figure 3a, the upward flow of the liquid stream helped to keep the flocs uniformly distributed in the 
textile bioreactor through the duration of the fermentation experiment. This shows that the developed 
mixing system for the textile bioreactor is effective in preventing ineffective substrate utilization and 
increasing the fermentation rate. From Figure 3a, the average peak ethanol concentration was  
22.13 ± 0.93 g/L. Using the average fermentation time gave the specific ethanol productivity in the 
developed textile bioreactor with aided mixing at 0.0016 VVM as 0.29 ± 0.01 g-ethanol/g-biomass/h. 
The best specific productivity from a gas lift reactor with recycle was reported as 0.045 
g-ethanol/g-biomass/h with no sugar loss, and 0.43 g-ethanol/g-biomass/h with significant sugar  
loss [22]. For an airlift reactor, optimum specific productivity of 0.4 g-ethanol/g-biomass/h with 
significant sugar loss has been reported [23]. Comparing the reported specific productivity of different 
bioreactors for ethanol production from literature with that of the developed textile bioreactor, it can be 
seen that for an optimal combination of high specific productivity and complete sugar utilization, the 
developed textile bioreactor performs better. 
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the liquid media, and the bulk flow of the liquid media. The first factor is influenced by the diffusivity 
of the product or substrate into the liquid media. The second is enhanced by the mixing system in the 
bioreactor, like agitation, aeration, or the use of stirrers [16]. With the theoretical understanding of how 
the flow rate can influence good contacting pattern in the previous section, experimental verifying the 
theoretical concepts are presented in this section. 

For bioreactors utilizing flocculating yeast, mass transfer limitations need to be adequately considered. 
There needs to be a balance between having flocs of large sizes, favorable for the enhancement of cell 
retention in the bioreactor, and reducing the size of the flocs, which is necessary for the reduction of the 
mass transfer limitations. Characterizing solute transport into and out of the flocs is challenging because 
of the fragile nature of the flocs and the difficulty in deciding the geometry the flocs actually have inside 
the bioreactors [3]. The approach in this article was to relate the mass transfer due to diffusion to the 
coefficient of diffusivity, and the flow rate of the liquid media being recirculated as a measure of that 
due to the bulk flow of the liquid [17]. 

Figure 2 shows the result of the absorbance of bromophenol blue measured across the textile 
bioreactor at different flow rates. At 0.015 VVM, equilibrium was reached in the textile bioreactor in 15 min. 
At a flow rate of 0.002 VVM, equilibrium was reached in 50 min. At 25 °C, the diffusion coefficient of 
bromophenol blue in water is 3 × 10−10 m2/s [18], that of ethanol in water is 1.24 × 10−9 m2/s, that of 
sucrose in water is 5.24 × 10−10 m2/s, and that of water in water is 2.45 × 10−9 m2/s [19]. The lower 
diffusivity of bromophenol blue than that of the product and substrate serves as a benchmark for 
understanding the influence of diffusivity on mass transfer under limiting product or substrate  
conditions [20]. Achieving equilibrium in 50 min at a flow rate of 0.002 VVM is sufficient, as the 
sampling time for experiments on bioethanol production is usually measured in hours [21]. 

 

Figure 2. Bromophenol blue absorbance variation in the textile bioreactor at (a) a flow rate 
of 0.015 VVM, and (b) at a flow rate of 0.002 VVM at the injection point (♦) and at the 
opposite end (×). 
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Figure 4. Experiments with (a) enhanced mixing at 0.012 VVM, and (b) without enhanced 
mixing at a recirculation rate of 0.06 VVM , showing ethanol (■) and sucrose (●) concentration 
in the primary axis (right hand side), and glycerol concentration (▲) in the secondary axis 
(left hand side). 

3.3. Mixing along the Edges of the Textile Bioreactor 

One of the limitations of a rectangular reactor is the possibility of it having poor mixing, especially 
at the edges [25]. Ethanol and sucrose concentrations across different sampling positions in the 
developed textile bioreactor at a recirculation rate of 0.0016 VVM are shown in Table 2. From Table 2 
it can be seen that the concentrations of ethanol and sucrose from different sampling points and depths 
are similar. ANOVA using a general linear model of ethanol and sucrose concentration as responses and 
sampling position as factor gave p-values of 0.861 for ethanol and 0.733 for sucrose, so the position 
from which the sample is drawn is not statistically significant, meaning that the mixing is uniform at all 
points in the textile bioreactor. This uniformity in the textile bioreactor implies that the flocs responsible 
for the conversion of substrate to product is uniformly distributed across the developed textile bioreactor. 
From this it can be seen that the developed textile bioreactor does not have regions with significant 
ethanol or sucrose concentration variation, so there will be efficient and fast utilization of the substrate 
across it. 
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3.2.2. Higher Flow Rate with and without Internal Tubing 

The mass transfer rate can be enhanced to an extent by increasing the bulk flow of the liquid  
media [16]. The effect of higher flow rate on the fermentation rate was investigated. For the textile 
bioreactor with internal mixing tubing, a flow rate of 0.012 VVM (7.5 times higher than the previously 
examined flow rate) was used as the recirculation rate in the textile bioreactor with internal mixing 
tubing. Figure 4a shows the result of this experiment. From Figure 4a, the fermentation rate was slightly 
faster in the first 32 h of fermentation in comparison to the experiment with a recirculation rate of  
0.0016 VVM. However, the substrate was fully consumed after 36 h in both cases. This shows that 
mixing is not the rate limiting step in both cases, but rather sucrose hydrolysis and slow fructose 
utilization [22]. This limitation can be handled in several ways such as operating the reactor in a fed-
batch mode [24], or by maintaining a high concentration of flocs in the bioreactor [22]. However, for 
continuous production, using a flow rate of 0.012 VVM at 1 cm hole spacing would cause washout to 
occur much faster than that at a flow rate of 0.0016 VVM (Table 1). This did not affect the fermentation 
rate in the experiment performed at a flow rate of 0.012 VVM because the cells were recycled back into 
the textile bioreactor. 

 

Figure 3. Experiment with enhanced mixing at (a) a recirculation rate of 0.0016 VVM , and 
(b) without enhanced mixing at 0.032 VVM, showing ethanol (■) and sucrose (●) concentration 
in the primary axis (right hand side), and glycerol concentration (▲) in the secondary axis. 

For the case without the mixing tubing, a flow rate of 0.06 VVM (1.9 times higher than the previously 
examined flow rate) was used as the recirculation rate. The result of this experiment is shown in Figure 
4b. Comparing the experiment performed at 0.06 VVM with that at 0.032 VVM shows that the higher 
recirculation flow rate increased the fermentation rate. However, the higher flow rate was not sufficient 
to cause complete utilization of the sucrose within 48 h because the settling rate of the flocs is higher 
than the turbulence created by the high flow rate. Comparing the experiment performed at  
0.0016 VVM with that performed at 0.06 VVM shows that the developed mixing system is much more 
effective in overcoming mass transfer limitations associated with mixing, even with 30 times slower 
flow rate. 
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possible to combine optimal anaerobic ethanol production rates and the process benefits of using flocculating 
yeast for ethanol production. Additionally, for yeast flocs having average particle diameter between  
190 to 320 µm, there is the possibility of operating the bioreactor at a dilution rate of more than  
1 h−1 with less chances of washout by using mixing tubing configurations that makes the fluid upflow 
velocity less than the flocs settling velocity. Using flocculating yeast as the fermenter in the same volume 
of the developed textile bioreactor as the conventionally used bioreactor in a 100,000 m3/year ethanol 
production facility can give a 37% reduction in fermentation investment cost. 
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Table 2. Ethanol and sucrose concentrations from different sampling point in the  
textile bioreactor. 

Time (h) Run 
Ethanol Concentration (g/L)  Sucrose Concentration (g/L) 

Edge  
8 cm Deep 

Edge 
Surface 

Centre  
8 cm Deep 

Centre 
Surface 

Edge  
8 cm Deep 

Edge 
Surface 

Centre  
8 cm Deep 

Centre 
Surface 

0 1 0.00 0.00 0.00 0.00 48.96 48.46 48.75 48.75 
4 1 0.86 0.45 0.51 0.47 46.22 44.97 44.84 44.84 
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3.4. Ethanol Production Process Development and Cost Reduction 

Ethanol could be produced by batch, fed-batch, or continuous modes of production. Conventionally, 
ethanol is produced anaerobically, and the yeast cells are centrifuged and either recycled or channeled 
somewhere else [26]. However, for a 100,000 m3/year ethanol production facility, the centrifuge 
accounts for 18% of the fermentation investment cost [9], excluding the energy cost. This can be 
eliminated by using flocculating yeast. Mixing in bioreactors using flocculating yeast is carried out using 
aeration (so the bioreactor is operated as a bubble column or an airlift reactor) as stirrers breaks the  
flocs [3]. Despite the Crabtree effect that favors ethanol production by S. cerevisiae under aerobic 
conditions [27], aerobic conditions cause more biomass production, which reduces the amount of ethanol 
that can be produced [28]. The developed textile bioreactor has been shown to both anaerobically use 
flocculating yeast for ethanol production and maintain good mixing, thus it can combine the benefits of 
optimal ethanol production and elimination of centrifugation cost. 

Using the same volume of textile bioreactor in place of a stainless steel reactor has been previously 
shown to reduce the fermentation investment cost by 19% [11]. Combining this with the savings obtained 
by not using a centrifuge would result in 37% reduction in the investment cost of a 100,000 m3/year 
ethanol production facility [9]. 

4. Conclusions 

The developed textile bioreactor showed a better combination of specific ethanol productivity and 
complete sugar utilization than both gas lift bioreactors with recycle and airlift bioreactors when using 
flocculating yeast for ethanol production. The results of the anaerobic mixing efficiency with high settling 
flocculating yeast showed excellent mixing in comparison with the previous prototype. This makes it 
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a b s t r a c t

Collapsible tanks, vessels or bioreactors are finding increasing usage in small/medium scale processes
because they offer flexibility and lower cost. However, if they are to be used at large scale, they need
to be shown capable of handling the physical stress exerted on them. Because of their nonconventional
shape and non-uniform pressure distribution, thin shell analysis cannot be used in calculating their
stress. Defining curvature in terms of pressure addressed these challenges. Using curvature and numerical
analysis, the membrane stress in collapsible tanks designed as bioreactors of volumes between 100 to
1000 m3 were calculated. When the liquid/gas height and static pressure are known, an equation for
calculating tension per length was developed. An equation that could calculate the liquid height from the
bioreactor’s volume, dimensions and working capacity was generated. The equation gave values of liquid
height with a maximum deviation of 3% from that calculated by curvature analysis. The stress values
from the liquid height and tension equations had a maximum deviation of 6% from those calculated by
curvature analysis. The calculated tensile stress in a 1000 m3 collapsible tank was 14.2 MPa. From these
calculations, materials that optimize both cost and safety can be selected when designing collapsible
tanks.

© 2016 Elsevier B.V. All rights reserved.

1. Introduction

Collapsible tanks or vessels are vessels made from materials that
are flexible, easily deformable, and light. Without a rigid supporting
system collapsible tanks normally take the shape of a pillow when
filled with fluid, so they are also called pillow or bladder tanks.
Collapsible tanks are used as water storage vessels, fuel storage
vessels, transportation vessels, sewage tanks, food storage vessels,
chemical storage vessels, bioreactors for e.g. ethanol [1] or biogas
production [2] etc. The benefits of using collapsible tanks over rigid
tanks include process flexibility, ease of transportation, installation,
portability and low cost. Collapsible tanks come in sizes suitable
for use at small, medium [3] and large scale. Collapsible tanks are
usually designed with their end use in view. One common question
when using these collapsible tanks especially at larger scale is if the
materials used for constructing them can tolerate the stress caused
by the high pressure and the large liquid volume. Despite their wide
application, there is no scientific publication on how to calculate the
stress in these containers to safeguard against failure.

Abbreviations: DEs, differential equations; WC, working capacity.
∗ Corresponding author.

E-mail addresses: Alex.Osagie@hb.se (O.A. Osadolor), Magnus.Lundin@hb.se
(M. Lundin), Patrik.Lennartsson@hb.se (P.R. Lennartsson),
Mohammad.Taherzadeh@hb.se (M.J. Taherzadeh).

When collapsible tanks are used for storing or processing fluids,
they can be designed as pressure vessels. A pressure vessel is a ves-
sel that can withstand the internal pressure that is acting on it [4].
According to its wall thickness, pressure vessels can be classified
as thick or thin walled. A pressure vessel is thin walled if the ratio
of its wall thickness to its radius is less than or equal to 1/20 [4] .
Thin walled vessels offer no resistance to bending, so the stress on
it is distributed through its thickness, resulting in only membrane
stresses, while thick walled vessels offer resistance to bending, so
they have both membrane stresses and bending stresses [4]. Thus,
collapsible tanks are thin-walled pressure vessels. Thin shell theory
is normally used for calculating the stress in thin walled pres-
sure vessels under constant internal pressure [4]. Using the thin
shell theory in calculating the membrane stress in collapsible tanks
would not give accurate values. Some reasons for this are; collapsi-
ble tanks will not have the same pressure at all points, and they
will not have a specific shape at all times because their shape will
change with changes in pressure and the volume of fluid in them
[5].

Accurate determination of the stresses in any pressure vessel is
essential to safeguard against failure [6] which could occur when
the membrane stress in the vessel has exceeded the material’s
intrinsic tolerance values as determined by its Young’s modulus
[7]. One challenge why the thin shell theory cannot be used to cal-
culate the stress that would act on collapsible tank is that their

http://dx.doi.org/10.1016/j.bej.2016.06.023
1369-703X/© 2016 Elsevier B.V. All rights reserved.
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Fig. 1. The geometry of a collapsible tank.

Fig. 2. The reference frame used to analyse the collapsible tank.

When the longitudinal stress analysis was carried out, the length
of the collapsible tank (L) was determined as shown in Eq. (12).

L = 2x(s) at the point where
dx
ds

= 0 (12)

The liquid depth (h) for both circumferential and longitudinal
stress analysis was calculated using Eq. (13).

h = −y(s) at the point where
dy
ds

= 0 (sbin Fig. 2) (13)

The length of the flat base (Lbase) of the collapsible tank for both
circumferential and longitudinal stress analysis was determined
using Eq. (14).

Lbase = 2x(s) at the point where
dy
ds

= 0(sbin Fig. 2) (14)

The perimeter (p) of the collapsible tank was calculated by sum-
ming the arc length (sb) from the top to the base (i.e. from Hg or
s = 1 to sb in Fig. 2) with the base length (Lbase).

p = 2(Ls + Lbase) (15)

The volume per unit length or width of the collapsible tank was
determined as the cross sectional area (A) inside the (x,y) curve
calculated according to Eq. (16). The last form of Eq. (16) was what
was used for the calculations in MATLAB (see Table 1)

A = 2

∫ Hg

−h

xdy = −2

∫ −h

Hg

xdy = −2

∫ sb

1

x(s)y�(s)ds (16)

The volume of the tank occupied by liquid per unit length or
width was determined as the liquid cross sectional area (AL) from
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Nomenclature

k Curvature
s Arc length
P0 Static pressure
h Y liquid height
Hg Gas height
� Directional angle of the tangent to the curve
T Membrane stress force or tension per unit length
W Width of collapsible tank
L Length of collapsible tank
p Perimeter of collapsible tank
AL and A Liquid and total cross sectional area of collapsible

tank

shape would change with variations in the pressure and volume of
the fluid in these tanks. Defining their curvature as a function of
the fluid property of interest, which in this case is pressure, helps
to overcome this challenge. This also helps in handling the sec-
ond challenge of non-uniform pressure distribution in collapsible
tanks. In this work, the membrane stress associated with collapsible
tanks and their geometry was determined using their curvature and
numerical analysis. The results gotten from the analysis performed
on collapsible tanks can assist in determining their strength, how
suitable they would be for large scale purposes, how they can be
designed to minimize the stress in them, and what materials are
suitable for making them.

2. Methods

The geometry of a collapsible tank as determined by curvature
is shown in Fig. 1. The stress analysis performed in the direction
of the width of a collapsible tank is termed circumferential, while
that one performed in the direction of the length is termed longitu-
dinal. The key assumptions used for the analysis performed in this
work are; (a) the weight of the material used for constructing the
collapsible tank can be neglected, (b) the material is infinitely flexi-
ble in the direction of curvature, (c) the collapsible tank membrane
stress can be analysed using one plane at a time, and (d) the sum
of the static pressures generated by the two directions of curvature
gives the overall static pressure acting on the collapsible tank. As
failure due to tensile stress has a higher chance of occurring in areas
with less material reinforcement [7], curvature analysis performed
in this paper best describes regions far from the edges of the col-
lapsible tanks. In these areas, it can be assumed that there would
be no interaction of the two orthogonal axes and the joints in the
collapsible tank to increase its strength.

2.1. The shape of a collapsible tank as defined by its curvature

To find the shape of a collapsible tank, a reference frame was
chosen in which position and altitude were considered using the
top height of the liquid level as the origin [8]. Every height below
the top of the liquid level was negative, while only the gas height
(if present) was positive (Fig. 2).

The curvature (k) of any shape or line was defined using Eq. (1),
where � is the directional angle of the tangent to the curve and s
is the arc length [9]. However, as the pressure is the source of the
curvature, the curvature was expressed in terms of the pressure
according to Eq. (2), where P0 is the static pressure above the liquid
(N/m2), y is the liquid height (m) which is defined with respect to
the y axis according to Eq. (3), g is gravity (m/s2), � (rho) is den-
sity (kg/m3) and T is the membrane stress force or tension per unit
length (N/m). The differential equations (DEs) relating the curva-

ture, the arc length and the x and y coordinate functions for the
curve are shown in Eq. (4) [10].

k = d˛

ds
(1)

k = P0 − y g�

T
(2)

y = { y, y ≤ 0

0, y > 0
(3)

⎧⎪⎪⎨
⎪⎪⎩

d2x

ds2

d2y

ds2

= k
dy
ds

= −k
dx
ds

(4)

2.2. Numerical analysis

A system of 4 first order DEs (U1(s):U4(s)), were defined to
reduce the 2 second order DEs in Eq. (4) to their first order forms
[11]. The defined functions are shown between Eq. (5)–(8).

U1(s) = x(s) (5)

U2(s) = y(s) (6)

U3(s) = dU1

ds
= dx

ds
(7)

U4(s) = dU2

ds
= dy

ds
(8)

The DEs generated by substituting the defined functions (Eq.
(5):(8)) and Eq. (2) into Eq. (4) results in a system of first order DEs
as shown in Eq. (9). The resulting system of DEs (see Eq. (10)) was
solved numerically using MATLAB® ODE45 solver. The calculations
were performed using initial values of U1(0) = 0, U2 (0) = Hg, U3(0)
= 1, and U4(0) = 0.
⎧⎪⎪⎨
⎪⎪⎩

dU3

ds

dU4

ds

= d2x

ds2
= k

dy
ds

= kU4(s) = P0 − U2g�

T
U4(s)

= d2y

ds2
= −k

dx
ds

= −kU3(s) = −P0 − U2g�

T
U3(s)

(9)

⎧⎪⎪⎪⎪⎪⎪⎪⎪⎪⎨
⎪⎪⎪⎪⎪⎪⎪⎪⎪⎩

dU1

ds
= U3(s)

dU2

ds
= U4(s)

dU3

ds
= P0 − U2g�

T
U4(s)

dU4

ds
= −P0 − U2g�

T
U3(s)

(10)

2.3. Stress and shape determination

The numerical results from equation 10 was used to analyse
the relationship between the membrane stress (T), the static pres-
sure (P0), the gas height (Hg) and the shape of the collapsible tank.
The stress (T), static pressure (P0) and gas height (Hg) (see Eq. (10))
were used as control parameters to generate the corresponding col-
lapsible tank shape (x,y). From this shape, other properties of the
collapsible tank such as width, liquid depth, and cross sectional area
were calculated. The width (W) of the collapsible tank was deter-
mined as shown in Eq. (11), when carrying out the circumferential
stress analysis.

W = 2x(s) at the point where
dx
ds

= 0(s1in Fig. 2) (11)
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% rho, and g were specified 

rho = 1000; g = 9.81;

% values for T, Hg, P0 were specified 

T = 1000; Hg = 0.2; P0 = 100;

% a nameless function holder f, was created to simplif y equation 10 and 1 1

f = @(s,y) [y(3); y(4); (P0/T-rho*g/T*y(2)*(y(2)<0))*y(4);  - (P0/ T-
rho*g/T*y(2)*(y(2)<0)) * y(3)];

[s y] = ode45(f,[0:0.0001:25],[0,Hg,1,0]);

plot(y(:,1),y(:,2))

% the point at which the curve touches the base

sb = find(y(:,4)>0,1)

% the arc length to the point at which the curve touches the base

s1 = s(sb)

% half the length of the flat bas e

xb = y(sb,1)

perimeter = 2*(s1+xb) 

baselength = 2*xb 

% the point on the curve with the maximum width or length

sw = find(y(:,3)<0,1); 

Width or length = 2* y(sw,1) 

liquidheight = -y(sb,2)  

% the point on the curve where the liquid region begin s

s0 = find(y(:,2)<0,1); 

% Liquid volume per unit length

AL = -2*sum(y(s0:sb,1).*y(s0:sb,4))*0.0001  

% The volume per unit length

A = -2*sum(y(1:sb,1).*y(1:sb,4))*0.0001  

Working capacity = liqVol/TotVol

Fig. 3. Numerical analysis with Matlab.

average of the curvature values calculated was used for determin-
ing the stress in the bioreactor from Eq. (2). The stress calculated
from the previously mentioned experimentally measured param-
eters in the 30 L bioreactor was compared with the value gotten
from the numerical curvature analysis.

3. Results and discussion

Collapsible tanks find application in different industries and pro-
cesses. In the biotechnology industry, they are used for making
bioreactors used for biogas production [2], bioethanol production
[13], biological production using plant cells [3] etc. especially at
small and medium scale. These bioreactors offer flexibility, low cost,
easy installation and customized applicability to bio-based produc-
tion [13]. If these and other benefits derived from using these types
of bioreactors can be translated from small and medium scale to the
large scale production of bio-products like biofuels, it could assist

in increasing the economic competitiveness of the biofuels against
fossil based fuels. However, in order to apply these bioreactors or
any type of collapsible tank for large scale purposes they need to
be able to handle the stresses exacted on them while in operations
[14] and during cleaning if needed [15]. The membrane stresses
of collapsible tanks meant to be used as bioreactors and that of
a 1000 m3 water storage vessel were investigated using curvature
and numerical analysis and the results are presented in this section.

3.1. Shape and stress determination in collapsible tanks designed
as bioreactors

Collapsible tanks of volumes between 100–1000 m3 designed as
bioreactors for large scale applications were used for stress calcu-
lations using numerical analysis.
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Table 1
Result from numerical analysis in the width direction of collapsible tanks from 100 to 1000 m3 and a 30 L bioreactor.

Specified parameters Final iterative values Calculated values

Volume of
bioreactor (m3)

Specified
length (m)

Working
capacity

Width of
bioreactor
(m)

Tension per
unit length
(N/m)

Gas height
(m)

Static
pressure
(N/m2)

Liquid height in
the bioreactor
(m)

Perimeter of
bioreactor (m)

Bioreactor’s flat
base length (m)

100 20 0.84 7 1000 0.22 58 0.63 14.57 6.63
200 23 0.80 9 1500 0.44 85 0.77 18.94 8.65
300 35 0.80 9 1500 0.44 85 0.77 18.94 8.65
400 33 0.84 11 2200 0.33 72 0.94 23.44 10.75
500 30 0.80 14 2600 0.44 73 1.02 28.21 13.04
1000 50 0.83 15 3500 0.45 92 1.18 30.20 13.87
0.03 1.1 0.82 0.40 6 0.02 10 0.05 0.84 0.37

where the liquid region began (y(s) = 0 i.e. where s = s0 in Fig. 2) to
the base of the collapsible tank (y(s) = − h or s = sb).

AL = 2

∫ 0

−h

xdy = −2

∫ Sb

S0

x(s)y�(s)ds (17)

The working capacity of the collapsible tank (WC) was defined
as the ratio of liquid cross-sectional area to the total cross-sectional
area as shown in Eq. (18).

WC = AL/A (18)

Eq. (11), (12),(14)–(17) were multiplied by 2 because the solu-
tions were calculated for the right half of the laterally symmetric
cross section (Fig. 2).

The numerical analysis was performed using MATLAB ODE45
solver. Details about how the solver works is not presented here
but can be found from literature [12] . The steps taken to perform
the analysis from Eq. (7) –(18) in MATLAB are shown in Fig. 3.

2.4. Iterative calculation of the stress, static pressure and gas
height from specified collapsible tank

For a given cross-sectional area of a collapsible tank (i.e. its vol-
ume per unit length or width) and its working capacity, an iterative
process was used to find the corresponding tension per unit length
or width (T), the gas height (Hg) and the static pressure (P0). T, Hg,
and P0 were used as input variables in the iterative process. After
determining the solution to the DEs in Eq. (7)–(10), a plot of the
solution (x,y) was drawn to ensure the collapsible tank shape was as
expected, before the other values (from Eq. (11)–(18)) were calcu-
lated. Fig. 3 shows how the analysis was performed with MATLAB.
When the cross-sectional area used for the analysis is the volume
of the collapsible tank per its length, the analysis is termed cir-
cumferential, while when the cross-sectional area is the volume
per unit width of the collapsible tank the analysis it is termed lon-
gitudinal. Dimensions of collapsible tanks used by FOV Fabrics AB
(Borås, Sweden) for making flexible and easily deformable bioreac-
tors were used for the calculations.

For the circumferential membrane stress analysis; the length
was assumed constant and the target volume per unit length was
calculated. T, Hg and P0 values were defined for target values of A,
AL and W. The steps shown in Fig. 3 as discussed above were placed
inside a least square iterative solver of MATLAB (lsqcurvefit), which
continued to change the values of T, Hg and P0 until the volume per
unit length, the working capacity and width generated were same
as the target values. The value of T in the final iterative calculation
was the circumferential membrane tension per unit length. The
collapsible tank width under these conditions was calculated from
Eq. (11) and used for the longitudinal analysis.

For the longitudinal membrane stress analysis; the width was
constant and the volume per unit width was calculated. The liquid
height (gotten from Eq. (13)) and Hg were additional constrains

to the ones used for the circumferential analysis. Iterative steps
described for the circumferential stress analysis were performed
to give the mean longitudinal tension per unit width.

2.5. Calculating the stress in a collapsible tank with known
parameters

When the liquid height, gas height and static pressure in a col-
lapsible tank are known, the tension per unit length acting on the
collapsible tank can be calculated by integrating the first part of Eq.
(9). This part of Equation can be rewritten as;

d2x

ds2
= f[y(s)]

dy
ds

Where f[y(s)] = P0 − U2g�

T
= P0 − y(s)g�

T
(19)

Multiplying Eq. (19) by ds and integrating gives Eq. (20)
∫ s=1

sb

d2x

ds2
ds =

∫ s=1

sb

F[y(s)] ds =
∫ Hg

−h

f[y(s)] dy (20)

The left hand side (LHS) of equation 20 gives −2 (as X�(s) = 1 @
s = 1 and −1 @ s = sb see Fig. 2). The integral of the right hand side
is shown in Eq. (21)

F[y(sb)] − F[y(s = 1)] = −2P0h − (−h)2g�

2T
− P0Hg

T
(21)

Combining Eq. (21) with the LHS of Eq. (20) and making T subject
of the formula gives Eq. (22).

T = 0.5P0(h + Hg) + 0.25�gh2 (22)

2.6. Comparison of the stress determined by curvature analysis
with experimentally measured values from a laboratory scale
collapsible tank

The calculated stress value in a 30 L collapsible tank (which is
used as a bioreactor) with 1.1 m length was used to compare with
the result from numerical curvature analysis. The bioreactor was
filled with 25 L of water and sparged with air. The curvature was
measured halfway between the top of the bioreactor and the top
of the liquid in the bioreactor (i.e. where the curvature is constant)
using a flexible retractable measuring tape to measure the change
in arc length and a folding ruler used to measure the change in
inclined height (which gave the directional change in the angle of
the tangent to the curve). The curvature was calculated by dividing
the directional change in the angle of the tangent to the curve at
the specified point by the corresponding change in the arc length
(see Eq. (1)). The static pressure and total pressure were measured
using a laboratory made u-tube manometer. The static pressure was
the pressure measured on top of the liquid in the bioreactor, while
the total pressure was measured at the base of the bioreactor. The
gas and liquid height in the bioreactor, and the bioreactor’s width
and length were measured using a retractable measuring tape. The



68 O.A. Osadolor et al. / Biochemical Engineering Journal 114 (2016) 62–69

0
500

1000
1500
2000
2500
3000
3500
4000
4500

0 500 10 00 150 0 200 0 2500 30 00 3500 400 0

Lo
ng

itu
di

na
l t

en
si

on
 p

er
 u

ni
t w

id
th

 
(N

/m
)

Circumferen�al tension per unit length (N/m)

Fig. 4. Longitudinal tension against circumferential tension at a particular collapsible tank volume for volumes between 100–1000 m3.

0

5000

10000

15000

20000

25000

0 10 20 30

Te
ns

io
n 

pe
r 

un
it 

le
ng

th
 

(N
/m

)

Volume per uni t length (m2)

a

0

5000

10000

15000

20000

25000

30000

0 10 20 30

To
ta

l p
re

ss
ur

e 
(P

a)

Volume per uni t length (m2)

b

Fig. 5. A plot of Tension per unit length from numerical curvature analysis (a) and total pressure (b) against the volume per unit length of collapsible tanks when operated
at deflated (�), relaxed (�) and pressurized (�) conditions.

Table 2
Comparison results gotten from the generated relation and from numerical analysis for different bioreactor volumes.

Volume of
bioreactor (m3)

Specified
length (m)

Working
capacity

Specified width
(m)

Liquid height
from relation
(m)

Liquid height
from analysis (m)

Tension per unit
length from
relation (N/m)

Tension per
unit length
from numerical
analysis (N/m)

Change in liquid
height (%)

Change in
tension per unit
length (%)

100 20 0.80 8 0.526 0.523 689.97 680.97 −0.67 1.32
100 10 0.80 8 1.043 1.044 2862.33 2867.54 0.10 0.18
100 20 0.50 8 0.333 0.329 279.60 273.43 −1.15 2.26
100 20 0.80 4 1.053 1.040 3713.23 3642.92 −1.17 1.93
400 30 0.80 15 0.740 0.726 1351.91 1301.39 −1.93 3.88
400 15 0.80 15 1.474 1.479 5545.10 5580.81 0.33 −0.64
400 30 0.50 15 0.464 0.455 537.84 517.39 −1.98 3.95
400 30 0.80 7.5 1.480 1.526 6557.12 6920.36 3.01 −5.25
1000 50 0.82 15 1.142 1.132 3255.33 3201.64 −0.84 1.68
1000 50 0.50 15 0.694 0.673 1221.87 1150.63 −3.14 6.19
1000 25 0.83 15 2.278 2.205 13731.72 12905.74 −3.31 6.40
1000 50 0.82 7.5 2.269 2.324 19369.92 20098.94 2.35 −3.63
1000 50 0.82 30 0.567 0.584 790.14 836.92 2.84 −5.59

3.5. Selection of material for construction of collapsible tanks

The tensile strength of general purpose plastics ranges between
1 and 50 MPa. The tensile strength of plastics can be increased up
to 280 MPa when they are combined with some other materials
like silicone in the form of composites [16]. Turning conventional
plastics into composites increases their strength but also increases
their cost. One of the driving forces behind the use of collapsible
tanks is their cheap cost in comparison to rigid vessels. To be able
to maintain this edge, a good trade-off would be needed so that
one can combine less expensive materials with plastics to increase
their tensile strength, and ensure the strength of the collapsible
tank is optimized to prevent failure. Apart from using composites,

other materials can also be used for making collapsible tanks as long
as they have properties that meet the tank end use requirement.
If the area the collapsible tank is going to occupy is known, the
tension that would be acting in the bioreactor can be estimated
using Eq. (22) and (23), with the known tension, the type of material
that satisfies both the cost and tension criteria can be selected for
designing the collapsible tank.

Considering a 1000 m3 collapsible tank that would be used for
water storage, if because of area constraint the tank should have a
length of 40 m, width of 20 m and working capacity of 0.9, then the
liquid height in the tank would be 1.2 m (Eq. (23)) while the circum-
ferential tension per unit length would be 3360 N/m (Eq. (22)) and
the mean longitudinal stress would be 3720 (Eq. (24)). If the tank
would be made of plasticized polyvinylchloride (PVC) as the base
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3.1.1. Circumferential analysis
The results of the analysis performed in the width direction of

collapsible tanks from 100 to 1000 m3 are shown in Table 1. The
tension per unit length values in the width direction for the col-
lapsible tanks considered were between 1000 N/m and 3500 N/m.
It can be observed from Table 1 (see the 200 and 300 m3 collapsible
tanks) that collapsible tanks having the same liquid height, static
pressure and gas height would have the same tension irrespective
of the volume of the collapsible tank or its length, which agrees
with Eq. (22). However, the volume, width and length of a collapsi-
ble tank or bioreactor are important parameters for its design, cost,
and plant layout planning. Because of this and the possibility of
controlling the liquid height, static pressure and gas height in the
collapsible tank by the volume and dimension of the collapsible
tank, a relation between the width, liquid height, volume and work-
ing capacity of the bioreactor was calculated from the plot of the
results in Table 1. The relation is shown in Eq. (23). It can be seen
from the relation that there is a linear relationship between the
product of the volume per unit length (A) and the working capacity
(WC) of the collapsible tank (i.e. the liquid cross-sectional area in
the collapsible tank) and the product of the width (W) and liquid
height (h) in the collapsible tank.

WC.A = 0.968W.h − 0.0755 (23)

From Eq. (23), the liquid height can be calculated from col-
lapsible tanks with specified volume, length, width and working
capacity. The calculated liquid height can then be used to deter-
mine the tension per unit length acting in the bioreactor using Eq.
(22) when P0 and Hg are known.

3.1.2. Longitudinal analysis
The mean tension per unit width in the length direction of col-

lapsible tanks considered was between 1050–4000 N/m. The results
from this analysis plotted against those from the circumferen-
tial analysis are shown in Fig. 4. There was a linear relationship
between the circumferential tension per unit length and the mean
longitudinal tension per unit width (Fig. 4). The relation between
both stresses is shown in Eq. (24). For the collapsible volumes and
dimensions considered, the mean longitudinal tension was higher
than the circumferential tension. This is because collapsible tanks
tend to have more curvature along their width than along their
length, and from Eq. (2) there is an inverse relationship between
tension and curvature.

TLongitudinal = 1.16 × TCircumferential − 177.21 (24)

3.2. Comparing relation equation values with values from
numerical analysis

The liquid height relation in Eq. (23) was generated using ini-
tially specified length, width, and working capacity values for a
specific collapsible tank volume. This relation was examined to
determine how well it could estimate the liquid height in different
collapsible tanks. For a specified collapsible tank volume, dimen-
sions different from the ones used for generating it were put in it
and the liquid height values calculated with it were compared with
the values gotten from curvature analysis. Additionally, tension per
unit length values was calculated both from Eq. (22) (by using liq-
uid height values from Eq. (23)) and from curvature analysis. The
generated liquid height and tension per unit length values from
the relations and from curvature analysis for different collapsible
tank volumes are shown in Table 2. A maximum difference of 3%
(i.e. overestimation or underestimation) in the value of the liquid
height calculated from the curvature analysis and from the height
relation can be seen (Table 2). In addition, the maximum difference
in tension for all cases examined is approximately 6%. This small

difference both for the liquid height and tension shows that the
height relation estimates very well what the height of liquid would
be in a collapsible tank from the dimensions of the collapsible tank.

3.3. Comparing experimentally measured values with that from
numerical curvature analysis

The stress in a 30 L laboratory scale collapsible tank (that is used
as a bioreactor) was calculated from experimentally measured val-
ues using its curvature. The average curvature of the bioreactor
from its measured directional change in tangent and the change
in arc length was 1.78 m−1, while the static pressure in the biore-
actor was 10 Pa. Using Eq. (2) , the tension per unit length of the
bioreactor was calculated to be 5.62 N/m. Performing the numeri-
cal analysis for a theoretical 30 L bioreactor as previously described
gave the tension per unit length of the bioreactor to be 6 N/m (see
Table 1). The liquid height measured from the experimental biore-
actor was 5 cm, while that from the numerical curvature analysis
was 4.81 cm. The width of the experimental bioreactor was mea-
sured to be 36 cm, the corresponding value from the numerical
curvature analysis was 39.6 cm. The liquid volume fraction or work-
ing capacity in the laboratory bioreactor was 0.833, while numerical
analysis gave it as 0.815. Comparing these values shows how well
the result from the curvature analysis agrees with the experimen-
tally measured values. From this, it can be expected that numerical
curvature analysis can be used to determine the shape and stress
in collapsible tanks or bioreactors.

3.4. Operating the collapsible tank under different conditions

The collapsible tank or bioreactor can be operated under dif-
ferent conditions. When the collapsible tank is operated at static
pressures between 10 and 100 Pa, width to liquid height ratio
between 13 and 20, and working capacity between 0.6–1, it can be
said to be in a relaxed condition (i.e. normal operating conditions
specified by its manufacturer). When operated at static pressure
between 1100 and 5000 Pa and with a width to liquid height ratio
between 1 and 5, it can be said to be pressurized. When operated
at working capacity less than or equal 0.5, static pressure between
15 and 50 Pa and width to liquid height ratio greater than 20, it can
be said to be deflated. How these changes can affect the tension
and total pressure in the collapsible tank is shown in Table 2 and
Fig. 5. The total pressure (used in Fig. 5) was calculated by summing
the static pressure with pressure due to liquid height in the same
collapsible tank. The results show that the tension per unit length
profile (from numerical curvature analysis) and the total pressure
profile are similar for the same operating condition in the collapsi-
ble tank. This is because the pressure and the liquid height in the
collapsible tank are the sources of the tension (Eq. (22)).

Considering the 100 m3 collapsible tank, changing the operating
conditions from relaxed to pressurized resulted in 430% increase
in tension, while the change from relaxed to deflated resulted in
60% decrease in tension. Considering the 400 m3 collapsible tank,
changing from relaxed to pressurized conditions resulted in 430%
increase in tension, while changing from relaxed to deflated condi-
tions reduced the tension by 60%. For the 1000 m3 collapsible tank,
changing from relaxed to pressurized conditions resulted in 530%
increase in tension, while changing from relaxed to deflated con-
ditions resulted in 64% reduction in tension. Using these values, if
a bioreactor or collapsible tank would be operated or sterilized at
a static pressure up to 5000 Pa, the ultimate tensile strength of its
material of construction must be at least 6 times the calculated ten-
sion values under normal conditions plus a security margin. If this
cannot be attained, the bioreactor or collapsible tank should not be
operated or sterilized under these conditions.
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polymeric material then a pressure allowance of factor of 1.5 [14]
needs to factored into the calculated stress to prevent failure. If this
factor is included and the thickness of the tank is 0.75 mm then the
required tensile stress would be 14.2 MPa. However, the ultimate
tensile strength of plasticized PVC is between 7 and 25 MPa [16] . If
the PVC is plasticized with a material of low cost (e.g. textile) [17]
which can increase the tensile strength of the composite higher
than 14.2 MPa then failure can be prevented while also reducing
cost.

4. Conclusion

Curvature analyses performed on collapsible tanks used as
bioreactors of volumes between 100 m3 to 1000 m3 gave their
shape, and the tension in these tanks was found to be between
300 N/m to 20000 N/m. For the bioreactor volumes considered a
relation which could give the liquid height in the bioreactor from
the properties of the bioreactor was found. The liquid height cal-
culated by the relation had a maximum deviation of 3% from that
calculated from curvature analysis. The tension in a collapsible tank
can be minimized by minimizing the static pressure and liquid
height in the tank taking the area it would occupy into considera-
tion.
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a b s t r a c t

Pellet morphology formation by filamentous fungi has gained a lot of attention because of its multiple
benefits such as the ease of separation and smaller bioreactor volume requirement. Most reported kinetics
studies on fungal pellet growth are centred on aeration, despite the experimental results pointing to the
importance of other factors such as pH, substrates and product concentration etc., influencing the pellet
formation. Hence a kinetic study on the effect of multiple factors such as aeration, substrate and product
concentration and pH was done in this paper using Neurospora intermedia as a model organism, whose
ability to form mycelial pellets was recently reported. The maximum growth rate of the pellets under
uninhibited conditions at its optimal growth pH was 0.318 h−1. The pellets were found to be inhibited
by high product (ethanol) concentration with no growth occurring at 70 g L−1 and above. High substrate
concentration favoured the formation of loose fur-like fluffy pellets. The specific oxygen uptake rate of
the pellets was between 0.27–0.9 mmol-O2 g-biomass−1h−1 depending on the pellet average diameter.
The results from this kinetic study can be used for bioreactor design, operations and optimization of
fermentation processes utilizing N. intermedia.

© 2017 Elsevier B.V. All rights reserved.

1. Introduction

Filamentous fungi are versatile group of microorganisms that
are conventionally used in the industry for a wide array of com-
mercial value-added products ranging from bulk chemicals to
medicines. The manipulation of filamentous fungal growth is a crit-
ical aspect in the industrial fermentation process; difficult than that
of the other microbial species because of their different morpholo-
gies and the presence of tangled mycelia under different cultivation
condition [1]. The phenomenon of pellet formation is a one of the
most studied area in the filamentous fungal research because of
the advantages of pellets over filamentous forms such as the ease
of separation and less bioreactor volume requirement, particularly
the fungal species with industrial applications [2–4]. Several fac-
tors such as pH, oxygen level, temperature, medium composition,
nutrients, ions etc. have been associated with the change from fil-
amentous to pellet morphology and vice versa [1].

The growth kinetics of some pellet forming filamentous fungi
have been investigated in literature with different kinetic mod-
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(R.B. Nair), patrik.lennartsson@hb.se (P.R. Lennartsson),
mohammad.taherzadeh@hb.se (M.J. Taherzadeh).

els such as logistic growth law [5], exponential law [6], cube root
law [7,8], Gompertz’s model [9] and Monod kinetics [10–12]. In a
research study, Van Suijdam, Hols and Kossen [12] compared some
of the previously mentioned models and used the Monod’s equa-
tion in describing the growth of mycelium pellet because of the
ease of introducing substrate and oxygen mass transfer limitations
into it. As aeration is essential for the growth of fungi pellets, most
kinetics study of fungi pellet are centred on oxygen mass transfer
limitation investigation [10–12]. However, experimental investi-
gation of pellet formation from filamentous fungi have found that
certain fungi form pellets only within a pH range with aeration only
important for biomass growth [13–15]. Additionally, certain sub-
strates (such as potato dextrose or soybean peptone) or products
(such as ethanol) influence the growth or formation of pellets by
filamentous fungi [16–18]. Thus, there is need to include the influ-
ence of these other parameters when investigating the kinetics of
pellet formation by the filamentous fungi.

Neurospora intermedia, used as a model organism in the present
study, show much morphological and genetic similitude with Neu-
rospora crassa, a model organism for genetic and molecular research
studies for decades. N. intermedia has been traditionally used for
the preparation of an indigenous Indonesian food, oncom [19] and
they are categorized as ‘generally regarded as safe’ (GRAS). During
the 1980’s and 90’s genetics and molecular level studies with both

http://dx.doi.org/10.1016/j.bej.2017.05.012
1369-703X/© 2017 Elsevier B.V. All rights reserved.
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3.1. The effect of aeration

Under non-limiting concentration, the fungal pellet growth rate
can be described by combining Eqs. (1) and (2):

dX
dt

= �X = �max
S

S + Ks
X (3)

As Neurospora intermedia is strictly aerobic fungus, dissolved
oxygen needs to be available for pellet growth to occur. The dis-
solved oxygen concentration accumulation rate (DO) in a media
can be defined using Eq. (4) as

DO = OTR − OUR (4)

where OTR is the oxygen transfer rate (mg-O2 or mmol-O2 L−1 h−1)
into the media and OUR is the oxygen uptake rate (mg-O2 or mmol-
O2 g-L−1 h−1) by the microorganisms. The OUR is defined as the
product of the specific oxygen uptake rate of the microorganism
being employed (qo), in this case N. intermedia, and the biomass
concentration (X).

Using the assumption that oxygen transfer into the pellets
occurs through molecular diffusion, the mass transfer limitation
in the gas phase can be neglected, thus the driving force of the OTR
would be the oxygen concentration gradient between that at the
bulk liquid and that at the interface [26]. This assumption agrees
with the Reynold’s number (Re = �ND2/�) that was from 120 to 210,
calculated using the D as the orbital shaking diameter (9 mm), � as
fluid density (1000 kg/m3), � as the viscosity of the PDB media (1.01
cP) which was in the laminar range for the different shake flask
frequency N. At low biomass concentrations, OUR can be neglected
from Eq. (4), so the maximum OTR (OTRmax) can be estimated using
oxidation rate of a chemical such as sodium sulphite [26–28]. The
OTRmax can be estimated using a modified version of the OTR empir-
ical relationship developed by Auro, Hodge and Roth [29] when the
shake flask frequency difference is accounted for [27,30].

OTRmax = 8.46(f/fo)0.88 [bi (10miVF) (10−bsVLVF
ms

)] (5)

where f is the shake flask frequency (rpm), fo is the reference shake
flask frequency (96 rpm), bi = 1.468, mi = 7.9 × 10−5, VF is the vol-
ume of the flask (mL), ms = − 0.94, VL is the liquid volume in the
flask (mL) and bs = 1.657.

The specific oxygen uptake rate (qo) has been shown to have a
zero order relationship with dissolved oxygen for the fungi pellets
and other microbial growth as long as the minimum DO threshold
needed for growth has been reached [10,12,27]. Thus, at the DO
threshold, q0 can be estimated from Eq. (6):

qo = (OTR − DO)/X (6)

In a well-mixed bioreactor operating at steady state, DO in Eq.
(4) becomes zero [30,31]. Using similar analogy and with the OTR
in a shake flask fixed, as the biomass concentration increases up
to the verge of aeration limitation, the DO approaches zero [32],
so OUR can be approximated to equal OTR, thus q0 on the verge of
aeration limitation can be estimated as:

qo = OTR/Xt (7)

where Xt is the biomass concentration (g/L) on the verge of aeration
mass transfer limitation in the shake flask.

3.2. The effect of product and substrate concentration

When high substrate concentration influences the observed
kinetics, its influence can be included into the Monod model, this
is shown in eq. (8) [33]:

dX
dt

= �X = �m
S

S + Ks

(
1 − S

S∗
)n

X (8)

where S* is the substrate concentration (g/L) that no growth occurs
and n is the degree of the inhibition. The effect of product inhibi-
tion on the kinetics can be expressed using Eq. (9) [34], with �’m as
the observed maximum growth rate, Pi the concentration of a par-
ticular product (g/L), Pi* is the concentration at which no growth
occurs and ai is the degree of product inhibition.

dX
dt

= �X = ��
m

S
S + Kss

�
∏(

1 − Pi

Pi ∗ ∗
)ai

�X (9)

When both substrate and product inhibition occurs, Eqs. (8) and
(9) can be combined to describe the overall growth rate

dX
dt

= �X = ��
m

S
S + Ks

(
1 − S

S∗
)n

�
∏(

1 − Pi

Pi∗
)ai

�X (10)

In addition to the kinetic Eqs. (3), (8)–(10), the Luedeking-Piret
model (Eq. (11)) is commonly used to describe the production of
metabolites such as ethanol in terms of growth (dx/dt) and non-
growth association [7,35]:

dPii
dt

= �i
dX
dt

+ �iX (11)

where �i is the growth associated parameter (dimensionless) and
�i is the non-growth associated parameter (h−1).

3.3. The effect of pH

Within the non-lethal pH region, the pH of a medium influences
the maximum growth rate and the inhibitory potential of growth
inhibiting organic compounds present in the medium [36,37].
When the pH affects only the maximum growth rate, its effect
can be accounted for using Eq. (12) [36]. When there is a strong
interaction between pH and the un-dissociated form of the organic
compounds present in the media, the pH and inhibitor effect fol-
lows the Hendersson-Hasselbach equation [37]:

��
max = �max

1 + H+
KH

+ KOH
H+

(12)

where H+ is the hydrogen ion concentration, KH and KOH are con-
stants.

4. Results and discussion

The ability of filamentous fungi to form pellets is interesting for
the reasons such as; the formation of more anoxic regions (which
results in more production of anaerobic products like ethanol), easy
separation of the fungi from the bioreactor because the filamentous
forms of fungi are sometimes attached to the metallic surface of the
bioreactor, smaller bioreactor volume requirement which results
in lower fermentation investment cost, and higher resistance to
inhibitory conditions due to less cell exposure to the inhibitory
environment. Despite these benefits, the growth rate of fungi pel-
lets, substrate consumption and product formation rate can vary
from the theoretically expected rate for different reasons, as shown
in Fig. 1 [28,34]. When oxygen transfer rate into the microbial
medium is not sufficient, irrespective of the nutrient availability
or other enabling conditions, the fungi pellet growth rate observed
would be impeded by the oxygen mass transfer deficiency, which
will in turn affect both the substrate consumption rate and the
product formation rate [28]. Similar analogy applies to the influ-
ence of product concentration, substrate concentration and the pH
of the media on fungi pellet growth. Thus it is important to know
under what conditions the pellet growth rate could be impeded
and by what factor. Apart from inhibition, for bioreactors operated
in continuous mode the dilution rate used should be less than the
maximum growth so as to prevent washout, thus it is important to
know the maximum growth rate of the pellets. The kinetic study
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the N. crassa and N. intermedia strains have also been carried out
extensively [20–22]. Considering the edible nature of the fungus,
our research group has recently established an ‘integrated biore-
finery’ concept using this fungus for valorising various industrial
waste streams such as the stillage from starch-to-ethanol process,
lignocellulosic waste such as the straw or bran, sugar-to-ethanol
process waste-vinasse, etc., by producing ethanol and protein rich
fungal biomass for feed applications [23–25].

Kinetic study of N. intermedia either in pellet or filamentous
forms has not been reported in literature and research based on
an industrial scale application of this fungus is also scarce. Using
experimental data and empirical relationships, a kinetic study of
the effect of aeration, pH, substrate and product concentration
for pellet formation, growth, and inhibition was performed in this
paper using N. intermedia as the model organism, whose ability to
form pellets was recently observed [13]. The present study is hence
the first of its kind to describe the kinetics of fungi pellet growth
and inhibition considering a range of factors for the pellet formation
in filamentous fungi with N. intermedia as the model organism The
findings from this kinetic study are important for efficient reac-
tor design and operations using filamentous fungi in submerged
fermentation industrial processes such for ethanol production or
protein rich biomass feed production.

2. Methods

2.1. Fungal strain

An edible ascomycete fungus, Neurospora intermedia CBS 131.92
(Centraalbureau voor Schimmelcultures, Netherlands) was used
in this kinetic study as a model organism. The fungal culture
was maintained on potato dextrose agar (PDA) slants containing
(in g/L): potato extract 4, D-glucose 20, agar 15 and the slants were
renewed every six months. For the regular experimental purpose,
the fungus was transferred to fresh PDA plates containing (in g/L):
potato extract 4, D-glucose 20 and agar 15. The fungal plates were
then incubated aerobically for 3–5 days at 30 ◦C. For preparing spore
suspension, plates with fully grown fungal mycelia were flooded
with 20 mL sterile distilled water and the spores were released
by gently agitating the mycelia with a disposable spreader. Gen-
erally, an inoculum of 20 mL spore suspension per L medium with
a spore concentration of 5.8–6.3 × 105 spores/mL was used for the
cultivations.

2.2. Standard fungal cultivation − shake flask

The fungal cultures were carried out aerobically in a liquid semi-
synthetic potato dextrose medium (containing 20 g/L glucose and
4 g/L potato extract), unless otherwise specified. Cultivations were
made in 100 mL volume (in 250 mL Erlenmeyer flasks), for 96–120 h
in an orbital shaking water bath (Grant OLS-Aqua pro, UK) at 35 ◦C
and 150 rpm (with an orbital shaking radius of 9 mm and a flask
diameter of 85 mm), with samples taken every 24 h, unless oth-
erwise specified. The pH was adjusted with either 2 M HCl or 2 M
NaOH. For kinetics experiments, fungal cultivations were made on
semi-synthetic media with pH (range: 3–10); substrate concentra-
tion (range: 10–200 g/L); and product concentration (10–100 g/L).

2.3. Standard fungal cultivation − airlift bioreactor

Fungal cultivations were carried out in a 4.5-L bench scale airlift
bioreactor (Belach Bioteknik, Sweden), with a working volume of
3.5 L. An internal loop with cylindrical geometry with a diameter
58 mm, height 400 mm and thickness 3.2 mm was used to achieve
the airlift-liquid circulation. The bioreactor and the draft tube were
made of transparent borosilicate glass. Aeration at the rate 0.71 vvm

(volumeair/volumemedia/min) was maintained (unless otherwise
specified) throughout the cultivation, using a sintered stainless
steel air-sparger with a pore size of 90 �m. Filtration of the inlet
air was achieved by passing it through a polytetrafluoroethylene
(PTFE) membrane filter (0.1 �m pore size, Whatman, Florham Park,
NJ, USA).

2.4. Analysis

Initial spore concentration was measured using a Bürker count-
ing chamber (with a depth of 0.1 mm) under a light microscope
(Carl Zeiss Axiostar plus, Germany). Fungal biomass concentra-
tion (dry weight) was determined at the end of the cultivation
by washing the pellet or mycelial biomass with deionized water
followed by drying at 105 ◦C for 24 h before weighing. A digital
Vernier caliper (Limit, Sweden) with the resolution of 0.01 mm was
used to measure the pellet diameter. The viscosities of the samples
were determined using a Brookfield digital viscometer-model DV-
E (Chemical Instruments AB, Sweden). High Performance Liquid
Chromatography (HPLC) system (Waters 2695, Waters Corpora-
tion, USA) was used to analyse all liquid fractions from the fungal
cultivations. A hydrogen-based ion-exchange column (Aminex
HPX-87H, Bio-Rad Hercules, CA, U.S.A.) at 60 ◦C with a Micro-Guard
cation-H guard column (Bio-Rad) and 0.6 mL/min 5 mM H2SO4 (elu-
ent), was used for the analyses of glucose, ethanol, glycerol and total
sugars. All experiments and analyses were carried out in duplicate
and results are reported with error bars and intervals representing
two standard deviations.

3. Kinetics

Microbial growth, substrate consumption and product forma-
tion rate can be investigated using basic unstructured model. Under
non-limiting conditions, fungal pellet growth can be described
using the Eq. (1):

dX
dt

= �X (1)

where, X is the dry weight of cells (gL−1), t is time (h) and � is the
specific growth rate (h−1). The specific growth rate can be defined
in terms of the Monod kinetic model as:

� = �max
S

S + Ks
(2)

where �max is the maximum specific growth rate (h−1), S is the
substrate concentration (gL−1) and KS is the saturation constant
(gL−1).

The kinetic study performed in this article was carried out using
the assumptions that the fungal pellets follow the Monod growth
kinetics; at low pellet and substrate concentrations the media prop-
erties are same as that of water, as the measured viscosity of the
PDB media was 1.01 ± 0.09 cP at 25 ◦C; oxygen transfer into the pel-
lets occur only through molecular diffusion and at the threshold of
dissolved oxygen accumulation limitation the oxygen transfer rate
into the media is equal to the oxygen uptake rate by the mycelial
pellets. The kinetic parameters in the proposed kinetic models were
determined using experimental data obtained from a series of batch
shake flask experiments, by minimizing the squared sum of errors
between the experimental data and the model predictions. Estima-
tion of the parameters in the kinetics equation and curve fittings
were done using “Cftool” in MATLAB

®
R2013b.
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Fig. 2. Lineweaver-Burk plot of pellet growth rate against substrate concentration.

Fig. 3. Substrate consumption rate by N. intermedia pellets indicating the onset of aeration limitation.

consist of loosely packed mycelium hyphae) observed for pellet
with average diameter of 4.22 ± 0.41 mm upwards. The increase
in pellet diameter resulted in a reduction in the specific oxygen
uptake rate (Table 1), as fur-like fluffy pellet poses little resistance
to molecular oxygen transport than the densely packed hyphae, so
the smaller densely packed pellet would require more oxygen to
grow than larger loose pellets [41].

4.3. Substrate and product concentration influence on pellet
growth

Substrate inhibition was not observed for N. intermedia pellets
for the range of glucose concentration examined (10–200 gL−1),
however the average pellet diameter increased with substrate con-
centration (Table 1), but the number of pellets decreased with
substrate concentration. The number pellet was highest at 20 gL−1

glucose concentration (70 ± 5 pellets). A possible reason why high
substrate concentration did not inhibit pellet growth could be
because the core of the pellet is shielded by the outer hyphae from
the effect the high substrate concentration would have if the fun-
gus grow as filaments and by the high substrate saturation constant
(Ks of 54.305 gL−1). However, the growth of the N. intermedia pel-
lets was affected by ethanol, which is the major product of the
interest in this paper. The effect of ethanol concentration on pel-
let growth was investigated by adding ethanol (10–100 gL−1) to
the prepared standard shake flask fungi cultivation (section 2.2).
The model parameters associated with ethanol inhibition (Eq. (9))
from the experimental results were; no growth ethanol concen-
tration (P*) 70 gL−1, the degree of product inhibition (a) 0.270 and
observed maximum specific growth rate (�’m) 0.260 h−1. Ethanol

influencing the growth rate of the pellets could be attributable to
the antimicrobial property of ethanol at high concentration.

For the Luedeking-Piret model (Eq. (11)), the non-growth asso-
ciated parameter (�) for ethanol production by the pellets was
evaluated using data from the stationary phase (where dX/dt is
zero). Using similar analogy, the growth associated parameter (�)
for ethanol production from the pellets was also determined. � was
found to be 3.189 while � was 0.077 h−1. Ethanol production by the
pellets is more associated with pellet growth, which as seen by the
higher value of the growth parameter, thus providing the nutrients
and environmental conditions needed for pellet growth is essential
if ethanol is to be produced optimally.

4.4. pH and pellet growth

N. intermedia pellets and filamentous growth optimal pH were
previously reported as 3.5 and 5.5 respectively, with pellets for-
mation occurring at pH 3–4 [13]. The best pellet formation was
found to be at pH 3.5 with distinctly uniform and separated pellets
(2–3 mm in diameter). At pH 3.0, the pellets were smaller (with
an average diameter of 2.38 ± 0.12 mm) than at pH 3.5 (with an
average diameter of 2.86 ± 0.38 mm). The substrate consumption
rate and product formation rate for N. intermedia at different pH
is shown in Fig. 4. Ethanol production rate is higher for the pel-
let formation pH range but biomass formation has been reported
to be higher for the filamentous form of N. intermedia in the pH
investigated [13]. This can be attributable to the formation of
anoxic environment by the pellets, which is favours the forma-
tion of ethanol than biomass. The �max for Eq. (12) at the optimal
ethanol production pH was 0.318 h−1. During the growth phase the
observed growth rate at pH 5.5 was 1.42 times faster than that at
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Fig. 1. The deviation from an idealised microbial growth profile (—) when it is affected by aeration limitation (···), product inhibition (− −) and substrate inhibition (− ·)
during the growth and stationary phase.

performed in this paper gives information about the growth kinetic
parameters of N. intermedia in its pellet form, what could inhibit its
growth and product formation, how inhibitory conditions can be
avoided and how optimal conditions can be maintained.

4.1. Pellet growth rate under normal conditions

To eliminate the effect of oxygen mass transfer limitations,
substrate and product inhibition on the growth kinetics of N. inter-
media pellets, a series of shake flask experiments were performed
with low inoculum concentration (0.2 g L−1), low glucose concen-
tration (10–30 g L−1) and pH 3.5. The specific growth rate (�) for
different substrate concentrations (S) was determined by plotting
ln(X/X0) against time for the experimental data obtained during
the exponential growth phase. From the Lineweaver-Burk plot of
1/� versus 1/S (Fig. 2) the maximum growth rate of the pellets
(�max) was 0.318 h−1, while the substrate saturation constant (Ks)
was 54.305 g L−1 (R2 = 0.993). To confirm that there was no aer-
ation mass transfer limitation affecting the growth rate results
obtained, aeration rate of 0.71 vvm (volumeair/volumemedia/min),
much higher than the oxygen transfer rate into the shake flask was
used in a lab scale airlift reactor. After 24 h, the specific growth rate
of the fungal pellet in the airlift reactor was 0.042 h−1, while the
estimated specific growth from the model equation was 0.049 h−1,
indicating that the fungal pellet growth rate parameters in Fig. 2
could be used to estimate the pellet growth rate when aeration
does not limit the growth rate.

When operating a bioreactor that uses N. intermedia pellets as
the fermenting organism for a substrate that consists mainly of glu-
cose, if the bioreactor is well mixed and does not have any pellet
retention device in it, using a dilution rate exceeding maximum
specific growth rate of N. intermedia pellets (0.318 h−1) would result
in pellets wash out.

4.2. Aeration and pellet growth

For strict aerobe such as N. intermedia oxygen must be present
in a form that can be used for growth to occur, thus both the oxygen
transfer rate (OTR) and the oxygen uptake rate (OUR) are essential

Table 1
Specific oxygen uptake rate of N. intermedia pellets.

S0 (gL−1) Xt (gL−1) qo (mmol-O2

g-biomass−1h−1)
Average pellet
diameter (mm)

20 2.57 0.90 1.02 ± 0.33
30 3.74 0.62 1.92 ± 0.33
50 5.73 0.40 4.22 ± 0.41
70 6.01 0.38 4.22 ± 0.51
100 6.65 0.35 6.52 ± 0.62
200 8.52 0.27 6.54 ± 0.82

for optimal growth, substrate consumption and product forma-
tion [31]. The OUR as defined in section 3.1 consists of the specific
oxygen uptake rate (qo) which is unique for each microorganism
and can be assumed constant during the exponential growth phase
[31], and the biomass concentration. The OTR is affected by several
factors such as the geometrical parameters of the bioreactor, the
operating conditions in the bioreactor, the physical properties of
the fermentation media and any other factor that affects the vol-
umetric mass transfer coefficient [26]. Hence, the kinetic study in
this paper was done in shake flasks with air entering only from the
cotton plug, thus the same fixed maximum OTR (OTRmax) can be
assumed [30]. Additionally, at low pellet concentrations the fer-
mentation media properties can be assumed as that of water so it
would not affect the OTR. OTRmax from Eq. (5) is 2.299 mmol-O2
L−1 h−1, which is similar to the OTR in shake flask bioreactors that
were reported by different authors [27,28].

As the OTR is fixed in the shake flask, the OUR would increase
with increasing pellet concentration. In the absence of any other
inhibition, aeration mass transfer limitation in the flask can be
observed by the reduction or stagnation of substrate consumption
rate in the midst of unconverted substrates at that particular pel-
let concentration. This was observed for substrate concentrations
from 20 to 200 gL−1 (shown in Fig. 3 for 20–50 gL−1 glucose concen-
tration) and the corresponding qo was calculated using Eq. (7) prior
to when aeration limitation began (Table 1). The calculated qo was
between 0.270–0.896 mmol-O2 g-biomass−1h−1 which is similar
to reported qo of G. lucidum [38,39] and P. chpsogenum [40] fun-
gal pellets. As the substrate concentration increased, the average
diameter of the pellets increased, with fur-like fluffy pellets (which
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Fig. 4. Glucose consumption rate (�) and ethanol production rate (�) by N. inter-
media at pH 3.5 (—), pH 4 (− ·) and pH 5.5 (···).

pH 3.5, while that at pH 4 was 1.17 times faster than that at pH 3.5.
The observed production of less biomass and more ethanol agrees
with pH reduction agrees with the reported higher production of
lactic acid by Rhizopus oryzae R1021 pellets [42] and more prod-
uct formation from G. lucidum fungi when the pH of the culture
medium was reduced [43].

4.5. Importance of the kinetic findings for N. intermedia
applications

When N. intermedia is used in biotechnology, apart from its
application in genetics study, the goal is usually for specific prod-
uct(s) production such as ethanol, treating waste streams while
creating valuable products alongside [24], for food processing or
use as food [44] etc. The goal from any of the previously men-
tioned applications can be achieved by optimizing the process for
more biomass production and or more product formation using
the kinetic parameters in Table 2. More biomass production can
be achieved by using aeration rate which makes the OTR to be
much greater than OUR. Using aeration rates that makes OTR much
greater than OUR would mean that substrate would be used a lot
more for cellular respiration than for biomass or product formation
[11]. If the goal is to produce anaerobic product(s) such as ethanol,
optimal ethanol production can be achieved by steadily increas-
ing the aeration rate in such a way that the OTR in slightly above or
equal to the OUR as the pellets grow. If the goal is to produce fur-like
fluffy pellets, this could be achieved by combined use of aeration

Table 2
Summary of growth, product formation and inhibition kinetic parameters of N.
intermedia pellets.

Parameters Average pellet diameter (mm)

�max 0.318 h−1

Ks 54.305 g L−1

� 3.189
� 0.077 h−1

P* 70 gL−1

a 0.270
��

m 0.260 h−1

qo 0.27–0.9 mmol-O2 g-biomass−1 h−1

rate that makes OTR equal or slightly higher than OUR with high
substrate concentration.

5. Conclusion

Kinetic study of N. intermedia showed that aeration, substrate,
product concentration and pH influence its pellet formation. The
maximum growth rate of the pellets at pH 3.5 was 0.318 h−1, while
the substrate saturation constant was 54.305 gL−1. The specific oxy-
gen uptake rate of the pellets was between 0.27–0.9 mmol-O2
g-biomass−1 h−1. Ethanol production by N. intermedia was found to
be highly growth dependent, with growth associated growth asso-
ciated parameter of 3.189 and non-growth associated parameter of
0.077 h−1. The kinetic parameters of N. intermedia from this study
can be used for designing, operating and optimizing N. intermedia
fermentation processes.
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A B S T R A C T

The aim of this work was to study dry anaerobic digestion (dry-AD) of manure bedded with straw using textile-
based bioreactor in repeated batches. The 90-L reactor filled with the feedstocks (22–30% total solid) and in-
oculum without any further treatment, while the biogas produced were collected and analyzed. The digestate
residue was also analyzed to check its suitability as bio-fertilizer. Methane yield after acclimatization increased
from 183 to 290 NmlCH4/gVS, degradation time decreased from 136 to 92 days and the digestate composition
point to suitable bio-fertilizer. The results then used to carry out economical evaluation, which shows dry-AD in
textile bioreactors is a profitable method of handling the waste with maximum payback period of 5 years, net
present value from $7,000 to $9,800,000 (small to large bioreactors) with internal rate of return from 56.6 to
19.3%.

1. Introduction

Solid wastes from agricultural, municipal and industrial activities
are major sources of environmental pollution. Large volumes of these
wastes are being generated and are increasing immensely due to po-
pulation growth and high consumption rate. Currently, people generate
globally about 17 billion tonnes of total solid wastes annually
(Chattopadhyay et al., 2009) and it is estimated to reach 27 billion
tonnes in 2050 (Karak et al., 2012). These wastes streams usually have
a solid content between 15% and 50%. Landfilling is a major practice of
disposing solid wastes resulting in emissions of methane and nitrous
oxides which contribute to greenhouse effect. Composting and in-
cineration are also common methods of treating these wastes; com-
posting results in emissions of volatile compounds (ketones, aldehydes,
ammonia and methane) (Mata-Alvarez et al., 2000) while incineration
can lead to significant release of dioxin to the environment (Strange,
2002) if the exhaust gas is not treated properly. There are regulations
and standards for management of these wastes, but in addition to this it
is essential that other waste management options which are both en-
vironmentally friendly and economical are explored. Biogas production
through anaerobic digestion is an interesting waste management option
for handling the organic fraction of solid waste, as biogas production
usually leads to reduced pollution and increased energy production.
Studies have shown that anaerobic digestion of these wastes is sus-
tainable and has a great advantage over aerobic treatment because of its

improved energy balance (Mata-Alvarez et al., 2000). In addition to
biogas production, digestate residue from anaerobic digestion usually
contains high content of phosphate and nitrogen, especially in the form
of ammonium which is available for plants; it also contains other
macro-nutrients and trace elements essential for plant growth (Makádi
et al., 2012).

Anaerobic digestion of organic wastes is carried out generally
through wet (feedstock with solid concentration between 0.5% and
15%) (Li et al., 2011) and dry (feedstock with solid concentration
greater than 20%) (Bolzonella et al., 2003) anaerobic digestion pro-
cesses. When treating solid wastes in wet anaerobic digestion processes,
fresh and recycled water must be added while large reactor volume,
high energy for heating and costly dewatering process of the digestate is
required. Therefore, processing of solid wastes for biogas production
through dry-AD is a better option since they usually have low moisture
content. However, for enhanced performance of dry-AD process, a
suitable reactor is required; considering the substrate composition,
amount of substrate to be treated, and process economy of the reactor
(Patinvoh et al., 2017). It also requires an appropriate technology for
operation. In this vein, several continuous and batch reactors for dry-
AD processes have been employed such as plug flow reactors (Deng
et al., 2016; Patinvoh et al., 2017) for continuous dry-AD processes, and
completely mixed reactor (Guendouz et al., 2010) for batch dry-AD
processes. However, some of these reactors required expert design and
constructions, constant monitoring, high capital and operational cost.
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et al. (2009) was added only at this start-up period and the pH of the
mixture was adjusted to 7.45 using 2 M HCl solution. The reactor was
maintained at 25 °C by circulating water through water jacket arranged
under the reactor as shown in Fig. 1 and there was no mixing inside the
reactor during the digestion process. The biogas produced was collected
in a gas bag and volume was measured once the gas collection bag was
filled. Biogas samples were taken through the gas sampling point for
compositional analysis. The first digestion process lasted for 136 days.
In order to increase the TS in the textile reactor and investigate the
response of bacteria after acclimatization, the second batch digestion
(acclimatized low TS) was performed. Second digestion process was
performed the same way as in the first one, except that the digestate
residue from the first digestion was used as inoculum (7.97%TS and
5.19%VS) and no nutrient was added. The volatile solids (VS) ratio
(VSinoculum to VSsubstrate) was kept at 1:1 and TS of the substrate was
increased to 27% thereby increasing the TS in the reactor to 12%. To
further increase the TS in the reactor thereby treating more wastes, a
third batch digestion process (acclimatized high TS) was also per-
formed. The digestate residue from the second digestion was used as
inoculum (9.6%TS and 6.2%VS). The volatile solids (VS) ratio
(VSinoculum to VSsubstrate) was reduced to 0.5 and TS of the substrate was
increased to 30% thereby increasing the TS in the reactor to 17%. The
compositions in different batch digestion setup are summarized in
Table 2.
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where:

a = total weight of straw
b = total weight of manure with straw
Ma = moisture content of straw
Mb = moisture content of manure with straw
% Na = % nitrogen of straw on dry basis
% Nb = % nitrogen of manure with straw on dry basis
Ra = C/N ratio of straw
Rb = C/N ratio of manure with straw
R = desired C/N of mixture

2.4. Analytical methods

Moisture content, pH, total nitrogen, TS and VS were determined
according to biomass analytical procedures (APHA-AWWA-WEF,
2005). Total nitrogen contents were measured using the Kjeldahl
method, and the protein content was estimated by multiplying the
Kjeldahl nitrogen content with a factor of 6.25 according to Gunaseelan
(2009). The total carbon was obtained by correcting the total dry
weight carbon value for the ash content (Haug, 1993; Zhou et al.,
2015). The bulk density was determined according to Zhang et al.
(2012).

Extractives in untreated straw samples were determined according
to NREL protocols (Sluiter et al., 2008) using Soxhlet method with
water and ethanol extraction for 24 h. Total carbohydrate and lignin
content of extractive free straw samples were determined according to
NREL protocols (Sluiter et al., 2011). The extractive free straw samples
were air-dried until moisture content was less than 10%. Samples were
then hydrolyzed using 72% H2SO4 in a water bath at 30 °C for 60 min
while samples were stirred every 5 min to ensure uniform hydrolysis,
and then a second hydrolysis was performed using 4% H2SO4 in an
autoclave at 121 °C for 60 min. Monomeric sugars obtained during the
hydrolysis were determined by HPLC. Mannose, glucose, galactose,
xylose and arabinose were analyzed using Aminex HPX-87 P column
(Bio-Rad) at 85 °C and 0.6 mL/min ultrapure water as eluent. Acid so-
luble lignin (ASL) was determined using a UV spectrophotometer (Libra
S60, Biochrom, England) at 320 nm. Acid insoluble lignin (AIL) was
gravimetrically determined as residual solid after hydrolysis corrected

with ash content. The ash content was determined as the remaining
residue after keeping the samples in the muffle furnace at 575 °C for
24 h.

The biogas volume was measured with Drum-type gas meter (TG 05
Model 5, Ritter, Germany), and then it was corrected for reporting at
standard temperature and pressure (0 °C, and 1 bar) using ideal gas law.
The methane composition of the produced biogas was determined using
a GC (Perkin-Elmer, USA) equipped with a packed column (6′ × 1.8′'
OD, 80/100, Mesh, Perkin Elmer, USA), and a thermal conductivity
detector (Perkin-Elmer, USA), with an inject temperature of 150 °C. The
carrier gas was nitrogen operated with a flow rate of 20 ml/min at
60 °C. A 250-µl pressure-lock gas syringe (VICI, precious sampling Inc.,
USA) was used for taking samples for the gas composition analysis. The
degree of digestion was calculated using Eq. (2) according to Schnürer
and Jarvis (2010);

= ∗ − ∗ ∗ ∗Degree of Digestion TS VS TS VS TS VS((( ) ( ))/( )) 100in in out out in in

(2)

2.5. Digestate analysis

The digestate residue was centrifuged at 5,000×g for 10 min and
the liquid fraction was passed through 0.2 µm filter prior to analysis.
0.2g of the solid fraction was dissolved in 2 ml concentrated HNO3

(65%), 6 ml concentrated HCl (37%), 1 ml concentrated HF (48%) and
1 ml H2O2 (30%). Thereafter, it was digested at 200 °C (800 W) for
20 min in the microwave oven. Dissolved samples were then diluted
with milli-Q water to 25 ml. The available heavy metals, trace elements
and macro-nutrients in both the liquid and solid fraction of the diges-
tate were quantified using microwave plasma-atomic emission spec-
trometer (Agilent Technologies 4200 MP-AES). The liquid fraction of
the digestate was analyzed for ammonium nitrogen concentration using
Ammonium 100 test kit (Nanocolor, MACHEREY-NAGEL GmbH& Co.
KG. 10 Germany) and concentration measured using Nanocolor 500D
Photometer (MACHEREY-NAGEL GmbH&Co. KG. Germany).

2.6. Economic analysis

The annual cost of producing biogas or any of the fermentative
biofuels in US$/Volume can be estimated using Eq. (3) (Bergeron,
1996). A 15-year biogas production lifetime was assumed for the textile
bioreactor (Rajendran et al., 2013). The interest rate (i) used for the
analysis was 7.8% which is the average deposit interest rate in Nigeria
(a tropical country) from 2010 to 2016 (World Bank, 2017a).

= + + −Annual biogas production cost ACBP FC Y ACC Ye EC( ) / ( OC) .
(3)

where FC = feedstock cost ($/tonne), Y = yield (Nm3/tonne), AC-
C = annual capital cost ($/Nm3), CC = Capital cost, i = interest rate,
OC = operating cost ($/Nm3), Ye = electricity yield (kWh/L), EC = -
electricity credit ($/kWh), n = 15 (years).

Economic analysis was performed on the cost of replacing agri-
cultural solid waste generation by collection through waste manage-
ment providers and by composting with dry-AD at three different dry-
AD scenarios which are; no acclimatization of the inoculum using solid
waste with a density of 907 kg/m3 (scenario A), short acclimatization
(136 days) of the inoculum using solid waste with a density of 542 kg/
m3 (scenario B) and longer acclimatization (232 days) of the inoculum
using solid waste with a density of 542 kg/m3 (scenario C). The cal-
culations were performed at three different waste generation levels; 3
tons/year for a typical small scale farm with animal husbandry and
vegetable cultivation or 2 mature cows (Ho et al., 2013), 5200 tons/
year for a medium mechanized farm or over 100 mature cows and
51,000 tons/year for a large scale mechanised farm or over 1000 ma-
ture cows (Chen, 2016; Hoornweg et al., 1999). The unit cost of com-
positing from a study in Taiwan (which is similar to many tropical or
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The most commonly used reactors in developing countries are fixed-
dome reactors, floating-drum reactors and polyethylene tubular re-
actors (usually modelled as plug flow reactors) (Rowse, 2011). The cost
of a fixed-dome reactor is relatively low and the reactor is usually
constructed underground which makes it less sensitive to seasonal
temperature changes but this reactor requires high technical skill for
construction (Kossmann et al., 1999). It is also prone to leakages
(Kossmann et al., 1999; Rajendran et al., 2013) (porosity and cracks)
and utilization of gas produced is less effective as the gas pressure
fluctuates substantially. Floating-drum reactor is easy to operate, it
provides gas at constant pressure but the steel drum is relatively ex-
pensive and requires rigorous maintenance (Kossmann et al., 1999). It
requires constant removal of rust and regular painting to avoid gas
leakage, this reactor is not also suitable for fibrous substrates because
the gas-holder can get stuck in the resulting floating scum (Kossmann
et al., 1999). Hence, there is a need for reactors that are robust in
nature, easy to maintain, suitable for dry digestion processes and cost
effective. An innovative textile-based bioreactor which is durable, cost
effective and easy-to-operate was developed for biogas production, and
it was found to be effective and economical for wet anaerobic digestion
of organic fraction of municipal solid wastes (Rajendran et al., 2013).

In this work, the potential of dry anaerobic digestion in the textile-
based bioreactor was studied in batch process, and its technical and
economic aspects were evaluated. Manure bedded with straw was used
as an example of the substrate abundantly available at farms. Repeated
batch digestion processes were investigated, the TS in the reactor was
gradually increased in order to acclimatize the inoculum to the sub-
strates under solid state condition and thereafter increase the amount of
wastes treated. The residue after biogas production was analysed to
check its suitability as bio-fertilizer. Additionally, the economic ana-
lysis was carried out to evaluate this technology.

2. Materials and methods

2.1. Bioreactor

A new design of innovative textile reactor at laboratory scale was
developed and supplied by FOV Fabrics AB (Borås, Sweden). It was
made of advanced textiles and sophisticated coated polymers which
makes the bioreactor durable, resistant to digesting bacteria and che-
micals, easily transportable and highly resistant to UV light and high
temperature (up to 80 °C) (Rajendran et al., 2013). The reactor is made
of high quality polyester PVC coated fabrics; it is a horizontal bioreactor
of 184 cm length, 54 cm breadth and had a total volume of about 90 L.
The bioreactor was maintained at 25 °C by circulating water through

water jacket. This bioreactor had an air tight zip which was opened for
feeding and closed after feeding; it also had an opener for gas outlet.
The reactor was examined for leakages by filling with water and air
before starting the experiment. Fig. 1 shows the schematic sketch of the
experimental set up together with other accessories, such as gas col-
lection bag, sampling point for biogas compositional analysis and the
gas flow meter (Drum-type gas meter, TG 05 Model 5, Ritter, Germany)
for measuring the produced biogas volume.

2.2. Substrate and inoculum preparation

Cattle manure bedded with straw and untreated wheat straw was
obtained from a farm outside Borås (Rådde Gård, Sweden). During the
experimental period, two different batches of the substrates were ob-
tained; the amount of straw in manure was higher in the second batch
collected compared to the first batch. The first batch was used for first
experiment while second batch was used for the second and third ex-
periments. The manure was shredded manually to reduce the particle
size of straw in the manure. The untreated wheat straw was milled to
particle size of 0.5–2 mm, after which the feedstocks were character-
ized.

Inoculum was obtained from a digester treating wastewater sludge
and operating at mesophilic conditions (Vatten and Miljö i Väst AB,
Varberg, Sweden). The inoculum was filtered through a 2-mm porosity
sieve to remove sand, plastic and other unwanted particles after which
it was acclimatized for five days prior to use. The inoculum was cen-
trifuged at 7,600×g using continuous centrifuge to obtain a TS content
of 7.0 ± 0.24%. The inoculum from wet fermentation with TS content
of 3.53 ± 0.01% was centrifuged in order to reduce its water content
since the textile reactor is studied under dry anaerobic digestion. The
inoculum after centrifuge having TS and VS content of 7% and 4%
respectively was then used for the first batch experiment.

2.3. Experimental procedure

Manure bedded with straw was mixed with required amount of
untreated wheat straw to increase the C/N ratio; the C/N ratio was kept
between 20:1 and 25:1 throughout the experiment. The amount of
untreated straw needed to increase the C/N was calculated according to
Eq. (1) (AAFRD, 2005) and the required amount added is shown in
Table 3. During the first digestion process (unacclimatized inoculum),
the total feedstock with 22% TS was inoculated with the initial in-
oculum (7%TS and 4%VS) keeping a volatile solids (VS) ratio
(VSinoculum to VSsubstrate) at 1:1 thereby having total TS of 10% in the
reactor. A nutrient solution with composition according to Angelidaki

Fig. 1. Schematic sketch of the experimental set up.

R.J. Patinvoh et al. Bioresource Technology 245 (2017) 549–559

550



regions, but this is not needed for tropical regions. The bioreactor is
closed until degradation time is completed while gas produced is col-
lected continuously in a gas holder. When there is no more gas pro-
duction, the bioreactor is opened and a portion of the digestate will be
pumped or moved for storage in a separate bioreactor, while a portion
of the digestates remains inside the bioreactor, mixed with fresh wastes
and the bioreactors is closed and sealed for the next run of gas pro-
duction. The number of the bioreactors needed in parallel depends on
the feeding time and the gas production duration in each batch. For
example, if 3 months would be the gas production period in each batch
and 15 days would be enough for emptying, and refilling the bior-
eactors, 6 bioreactors can work in parallel to fulfil continuous receiving
of the fresh wastes. The volume of the textile bioreactor needed to
handle different amount of waste is shown in Table 2, and they can be
arranged as shown in Fig. 2a.

3.2. Feedstock characterization

The characteristics of the feedstocks used in this work are shown in

Table 1. The result showed that the substrates have different moisture
content at different batches, probably because they were collected
under different storage conditions. The C/N of the manure bedded with
straw was the same but the C/N ratio of wheat straw was considerably
different from one batch to another. The variation in the C/N ratio of
wheat straw could be due to the age of the straw; the younger the tis-
sues of the straw, the lower the C/N ratio (Hicks, 1928). Cellulose and
hemicellulose content of wheat straw were similar for the two batches.
The cellulose was between the range of 39–43% and hemicellulose was
between the ranges of 28–32% but not all these carbon will be acces-
sible during the anaerobic digestion process. The manure bedded with
straw collected has a total solid content between 18% and 26% which
makes it suitable for dry digestion compared to other means of hand-
ling. This waste also has a C/N of 19:1 which means it can be used
directly by farmers for the digestion process; the C/N can also be ad-
justed slightly using untreated wheat straw to enhance the buffer ca-
pacity of the process and also reduce the possibility of substrate or
product inhibition (Wang et al., 2011).

Fig. 2. (a) Typical dry-AD technology in textile bioreactors – industrial concept for rural areas. (b) Cumulative methane production and methane production rate obtained during
digestion process with gradual increase of total solid (TS) content of the feedstock and reactor mixture. 22%, 27% and 30% (TS of feedstock); 10%, 12% and 17% (TS in reactor).
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subtropical country) was $67/ton for highly mechanised privatized
large scale compost production facility, $97/ton for mid scale and
$404/ton for small scale manual government affiliated composting fa-
cility or farms (using a conversion factor of 1 NT$ = $0.033 and 53%
conversion of waste to compost) (Chen, 2016; Hoornweg et al., 1999).
For the waste collection by waste managers option, the estimated cost
of collecting waste for lower mid income countries in 2010 was be-
tween $30–$75 per ton of solid waste (World Bank, 2016). Additionally
farms that employ waste disposal by waste managers also have to
purchase compost or organic fertilizer (Ruggieri et al., 2009) and this
cost an additional $211–$356 per ton (Chen, 2016), making the total
cost handling solid waste by waste managers to be from $241 to $431
per ton.

The annual profit (AP) was calculated by substracting the annual
cost of biogas production (Eq. (3)) from the annual cost of handling
waste through other means plus the revenue generated from biogas
sales as shown in Eq. (4);

= − +AP Annual expenditure on waste management ACBP Revenue (4)

The revenue (R) from biogas was gotten by multiplying the current
commercial selling price of natural gas of $0.222/1000-Nm3 (Selling
price in Febrauary 2017) by the annual methane production from the
dry anearobic digestion divided by the methane fraction in natural gas
(95%) (EIA, 2017). The revenue calculations (Eq. (5)) were done using
the methane production values for the experiments performed.

= ×R Vol of methane produced"$"0.000234 (Nm ) (Nm )3 3 (5)

The payback period (PBP) was calculated using Eq. (6), where the
initial project delay time was the time needed for completing the first
anaerobic digestion batch. The net present value (NPV) was calculated
using Eq. (7), with the profit from the first year different from those of
the other years, and the internal rate of return which makes the NPV
zero was also calculated.

= +PBP CC AP initial project delay time/ (6)

∑= − +
+=

NPV C AP
i n(1 )n

n

0
1 (7)

where C0 = the initial capital investment.
The capital cost for the biogas production was based on the volume

of the textile bioreactor needed for biogas production per year and the
cost of other auxiliary equipment such as shredders, shovels and trac-
tors (for mid and large scale). The volumes of the textile bioreactors
needed for the different scenerious investigated were calculated using
the data from the experimental section by dividing the mass of the
waste and innoculum by their respective densities while accounting for
duration of the dry-AD, feedstock storage, gas storage and digestate
storage. Details on how to perform this kind of calculations and optimal
reactor sizing can be found elsewhere (Mähnert and Linke, 2009). Using
3 tons/year waste generation without acclimatization as an example,
the digestion period is 136 days so storage for 1.12 tons (i.e. 3
tons × 136/365) of waste is needed as the waste is produced con-
tinuously. The reactor volume needed for storing the daily produced
waste is 1.23 m3 (i.e. mass/density). This is also going to be the volume
needed for storing the digestate as the amount digestate removed from
the reactor would be equal to the amount of waste to be feed to the
reactor. The volume needed for the digestion will be equal to the sum of
1.23 m3 (the volume of the waste needed for the dry-AD), 5.24 m3 for
the inoculum (i.e. inoculum mass/density) and 2 m3 to provide some air
space which gives 8.47 m3. Using the assumption that the produced
biogas will be sold monthly, the textile bioreactor volume needed for
one month storage is 8 m3 making the total required volume for all
activities to be 19 m3. Calculations similar to this where performed for
the other scenarios and scales, and the required reactor volume are
shown in Table 2.

The annual operating cost associated with the textile reactor was

assumed to be 5% of its capital cost (Rajendran et al., 2013), while that
for the auxiliary equipment were; $1.95/ton for shredders, $0.12/ton
for tractors and $0.14/ton for shovels (using 1€ = 1.09 $) (Ruggieri
et al., 2009). The investment cost for the first year for the shredders,
shovels and tractors were $20/ton, $1.5/ton and $1.2/ton respectively
accounting for the work-time used only feedstock preparation related to
biogas production (Ruggieri et al., 2009) and they were assumed to last
through the 15 years of the project.

2.7. Sensitivity analysis

To determine the flexibility of the results of the economic evalua-
tion, sensitivity analysis were carried out using cost of the textile re-
actor, cost of auxiliary equipment and annual tons of waste produced.
For the cost of the textile reactor and auxiliary equipment, a± 20%
change in the investment and operation cost were used to determine
how the calculated NPV and IRR would vary, while a± 20% change in
the annual tons of produced waste was used to determine the effect of
varying amount of waste generation on NPV and IRR. For the textile
reactor cost, in the base case, the investment cost of the textile reactor
was $150/volume for small scale (in volume of 2 m3) (Rajendran et al.,
2013), $100/volume for mid-scale (volume in 100s of m3) and $70/
volume for large-scale (volume in 1000s of m3) (Osadolor et al., 2014),
while the operation cost was 5% of the investment cost. For the cost of
the auxiliary equipment, in the base condition, the investment cost for
the shredders, shovels and tractors were $20/ton, $1.5/ton and $1.2/
ton respectively, while the operation cost was $1.95/ton for shredders,
$0.12/ton for tractors (used only mid and large scale evaluations) and
$0.14/ton for shovels. For the amount of produced waste, in the base
case, 3 tons/y was used for small scale, 5200 tons/y for mid-scale and
51,000 tons/y for large scale.

3. Results and discussion

The batch dry anaerobic digestion (dry-AD) of manure bedded with
straw was carried out in a textile-based bioreactor. The reactor is built
from textile (Rajendran et al., 2013) and has undergone drag, tears and
pressure testing prior to the experimental study and was found very
durable. It was used successfully for over 324 days without any gas
leakage or major maintenance. The first batch anaerobic digestion of
the feedstock took longer degradation time and the methane yield was
slightly lower. Subsequent batch digestion processes resulted to im-
proved methane yield and reduced degradation time. The digestate
after biogas production was analyzed as supplement for soil deficient of
major nutrients. Then economic analysis of replacing waste collection
by waste managers or composting with dry-AD in a textile bioreactor
was carried out using payback period, net present value and internal
rate of return as profitability criteria. A sensitivity analysis of what
effect changes in key cost and waste generation factors could have on
the profitability of dry-AD in the textile bioreactor was also in-
vestigated.

3.1. An industrial concept for dry-AD in rural areas

The results obtained in this work would be beneficial for rural areas,
farmers, some industrial applications and developing countries where a
cost-effective and simple solution is needed. The solid waste with
higher TS is treated while generating energy and bio-fertilizer. Dry-AD
of solid wastes in the textile-based bioreactors function on a simple
principle (Fig. 2a) as a few reactors should run in parallel. Fresh solid
wastes are mixed with inoculum (needed only at the initial stage), fed
to the bioreactor (with shovel for small scale or tractor/pumps for large
scale) and then the bioreactor is closed. As the materials inside the
bioreactor have higher TS, and it is not mixed, it has low heat transfer
so it can perform better than wet digestion in colder climates. However,
it can be heated underneath to attain desired temperature in cold
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3.4. Digestate quality

The pH of the digestate was slightly alkaline as shown in Table 3;
this will increase the buffering capacity of the soil as many agricultural
lands are mostly acidic. The liquid fraction of the digestate has higher
nitrogen and potassium content compared to the solid fraction as shown
in Table 3. Möller et al. (2010), also reported high nitrogen and po-
tassium content in liquid fraction after separation of the biogas effluent.
The digestate (liquid fraction) contains an average of 2.63 g/L of total
nitrogen and 1.4 g/L of ammonium nitrogen which is a major benefit of
using digestate as bio-fertilizer because the ammonium nitrogen can be
directly taking up by the plants for their growth (Börjesson & Berglund,
2007; Svensson et al., 2004). The digestate (liquid fraction) contain a
higher amount of potassium (an average of 2.74 g/L) which is also a
major macronutrient needed for plant growth. However, the phos-
phorus content of the digestate is low probably part of the phosphorus
has been lost during the digestion process (Möller &Müller, 2012) and
as such phosphorus or phosphate can be added as supplement to avoid
phosphorus deficiency in the soil or the digestate supplied to soil
lacking majorly nitrogen and potassium. Additionally, concentration of
heavy metals (Cadmium, Chromium, Nickel, Zinc and Copper) in the
digestate is low; the concentration did not exceed the quality standards
(Al Seadi & Lukehurst, 2012) and as such the digestate could be used as
bio-fertilizer. The solid fraction can as well be used on the soil to im-
prove the soil structure; retain nutrients and avoid leaching. Therefore,
the whole digestate can be used as bio-fertilizer or the solid fraction
post treated using aerobic composting process thereby closing the
production cycle (Fouda, 2011; Meissl & Smidt, 2007; Poggi-Varaldo
et al., 1999).

3.5. Economic evaluation

For biogas to be used as a means for handling manure and straw
waste, it has to be more profitable than other possible methods of
handling the waste. Several techno-economic analysis have been done
in comparing the profitability of biogas production against other
methods such as; replacing kerosene or LPG utilization with biogas at
household level (Rajendran et al., 2013), biogas for electricity genera-
tion (Gebrezgabher et al., 2010), biogas for combined heat and power
generation (Trendewicz & Braun, 2013). However, economic analysis of
replacing composting or waste collection by waste managers with dry-
AD has not yet been reported in literature. In this work, economic
profitability was measured by the payback period, net present value

and the internal rate of return. The economics associated with replacing
composting and waste collection by waste managers with dry anaerobic
digestion was investigated for three different dry digestion scenarios;
no acclimatization of the inoculum and solid waste with a density of
907 kg/m3 (scenario A), short acclimatization of the inoculum and solid
waste with a density of 542 kg/m3 (scenario B) and longer acclimati-
zation of the inoculum and solid waste with a density of 542 kg/m3

(scenario C). The analyses were performed at three different scales
corresponding to solid waste generation from typical small, mid and
large scale farms.

The volume of the textile bioreactors needed for the different scales
and scenarios were calculated as discussed in Section 2.6 and are shown
in Table 2. How the reactor volumes can be used for gathering waste,
dry-AD, digestate storage and biogas storage is shown in Fig. 2a and
was discussed in Section 3.1. Building on that, this is how the reactor
volumes will be allocated for different purposes: For the first anaerobic
digestion batch; 6 % (scenario A), 16% (scenario B), 32% (scenario C)
of the total reactor volume is needed for storing the daily produced
farm waste prior to dry anaerobic digestion at all scales, while 6%
(scenario A), 10% (scenario B), 16% (scenario C) of the total reactor
volume is needed for storing the digestate after the completion of the
dry-AD. For the subsequent batches 6% (scenario A), 10% (scenario B),
16% (scenario C) of the total reactor volume would be needed for
storing the daily produced waste, while 6% (scenario A), 10% (scenario
B), 16% (scenario C) of the total reactor volume would be needed for
storing the digestate after the dry-AD. Details on how to perform this
kind of calculations and optimal reactor sizing can be found in litera-
ture (Mähnert & Linke, 2009). The investment cost of the textile bior-
eactor (Table 2) were calculated using; $150/volume for small scale (in
volumes of 2 m3) (Rajendran et al., 2013), $100/volume for mid-scale
(volume in 100s of m3) and $70/volume for large-scale (volume in
1000s of m3) (Osadolor et al., 2014). The total capital investment
needed for dry-AD for the different scenarios and scales with the annual
cost associated with managing the waste either through composting or
through waste managers is shown in Table 4.

Table 3
Analysis of digestate from dry anaerobic digestion.

Parameter Digestate residue

pH 8.01–8.06
Total carbon (%)* 34.36–36.23
TS (%)* 7.97–13. 39
VS (%)* 61.84–65.15

Unit Liquid fractiona Solid fractiona

Total Nitrogen g/L 2.45–2.8 6.77–9.22 (mg/g)
Ammonium nitrogen g/L 1.25–1.55 ND
Potassium g/L 1.19–4.29 0.025–0.051
Phosphorus mg/L 10.03–30.54 14.71–36.52
Calcium mg/L 15–50.50 48.33–64.33
Magnesium mg/L 3.35–60 13.4–16.73
Copper mg/L 0.13–0.19 0.14–0.35
Iron mg/L 3–5.5 ND
Zinc mg/L 0.11–0.19 0.33–0.69
Nickel mg/L 0.28–0.37 0.01
Chromium mg/L <0.001 0.02–0.05
Cadmium mg/L <0.001 <0.001

a Fresh matter; ND = not determined.
* Dry basis.

Table 4
Cost associated different waste management option for handling solid waste and revenue
from biogas sales.

Cost associated with different solid waste management approach

Total Investment cost needed for biogas production ($)

Scenario Small scale Mid-scale Large-scale

A 2980 3 518 040 24 257 700
B 3032 3 518 040 24 957 700
C 1967 2 318 040 16 557 700
Total annual operation cost needed for biogas production ($)

Scenario Small scale Mid-scale Large-scale

A 152 170 007 1 155 007
B 155 170 007 1 190 007
C 102 110 007 770 007
Revenue from biogas sales ($)

Scenario Small scale Mid-scale Large-scale

A 0 42 409
B 0 53 519
C 0 83 817
Annual composting cost 1200 504000 3417000
Annual cost when waste managers are

used
1300 1250000 12300000

A dense substrate without innoculum acclimatization; B less dense substrate with short
innoculum acclimatization; C less dense substrate with long innoculum acclimatization.
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3.3. Methane yield and production rate

Fig. 2b shows the cumulative methane production for the three (3)
batch digestion processes during the whole experiment and the me-
thane production rates were estimated from the cumulative methane
production as shown. For the first digestion process (22% TS of feed-
stock; 10% TS in reactor), there was a lag phase of 10 days and after-
wards the methane production increased steadily indicating the be-
ginning of the exponential growth. The digestion process lasted for
136 days and methane yield of 183 NmlCH4/gVS was obtained.

Patinvoh et al. (2017) reported yield of 163 NmlCH4/gVS using plug
flow reactor when manure bedded with straw at 22%TS and C/N of
16.8 was used. However, in the current study using textile reactor there
was slight increase of 12% in the methane yield obtained, probably due
to increase in C/N by addition of untreated wheat straw. Wang et al.
(2013) also indicated that addition of even small amounts of co-sub-
strates altered the bacteria communities within the reactors, and
thereafter increased the yield. This shows that increasing the C/N ratio
slightly with addition of fresh wheat straw is more favorable to the
digestion process. During the second digestion process (27% TS and
12% TS in feedstock and reactor respectively), the digestion started
almost immediately (no lag phase) showing the acclimatization of mi-
crobial communities to the feedstock resulting in an increase in me-
thane yield by about 13% compared to that during the first digestion,
while the degradation time was reduced from 136 days to 96 days.
After a long-term acclimatization of 232 days (first and second diges-
tion), the VS ratio for inoculum to feedstock was reduced from 1 to 0.5
thereby increasing the TS in the reactor to 17%. The biogas production
started almost immediately even here, although there was a slight re-
duction in the methane yield at the beginning compared to that during
the second digestion. Then, there was steady increase in the methane
yield resulting in about 58% increase compared to that obtained in the
first digestion. Accordingly, the degradation time was reduced from
136 days to 92 days. Furthermore, the methane production rates in-
creased with gradual increase in the TS which shows gradual acclima-
tization of microbial communities to the conditions in the reactor and
probably new predominant microbial community for high solid-state
digestion were formed (Li et al., 2013). However, the degree of diges-
tion was low; only 29% of the organic matter was broken down and
converted to biogas during the digestion period. This could be due to
lack of internal mixing and slow degradation rate of the feedstocks
(manure with straw and untreated wheat straw). An approximate de-
gree of digestion of 35% has been reported for cattle manure
(Schnürer & Jarvis, 2010) which is low compared to readily degradable
substrates. The residue can undergo post storage stage where biogas
production can continue over a long period of time.

The results showed that farmers can only treat small volume of
wastes at the beginning which will also result to low biogas yield and
longer degradation time. Then, the volume of wastes can be increased
and subsequent digestion processes will results to higher methane yield
and shorter degradation time.

Table 1
Characteristics of substrates used during the experiments.

Parameters Manure bedded with straw Wheat straw

First Batch
Total solids (%) 17.81 ± 0.16 91.77 ± 0.02
Volatile solids (%)* 80.23 ± 0.55 92.89 ± 0.11
Moisture (%) 82.19 ± 0.16 8.23 ± 0.02
Ash (%)* 19.77 ± 0.55 7.11 ± 0.11
Total Carbon (%)* 44.57 ± 0.31 51.60 ± 0.06
Total Nitrogen (%)* 2.33 ± 0.03 0.37 ± 0.15
Protein content (%) 14.56 ± 0.03 2.31 ± 0.15
C/N 19 139
Bulk density (kg/m3) 907.1 ± 7.83 89.5 ± 2.89
Extractives (%)* ND 12.17
Total Lignin (%)* ND 15.27 ± 0.71
Cellulose (%)* ND 39.25 ± 0.03
Hemicellulose (%)* ND 31.99 ± 0.08

Second Batch
Total solids (%) 25.84 ± 0.92 89.07 ± 0.08
Volatile solids (%)* 77.21 ± 2.74 94.96 ± 0.14
Moisture (%) 74.16 ± 0.92 10.93 ± 0.08
Ash (%)* 22.79 ± 2.74 5.04 ± 0.14
Total Carbon (%)* 42.89 ± 1.52 52.76 ± 0.08
Total Nitrogen (%)* 2.26 ± 0.04 0.77 ± 0.01
Protein content (%) 14.13 ± 0.04 4.81 ± 0.01
C/N 19 69
Bulk density (kg/m3) 542 ± 26.87 190.47 ± 6.93
pH 8.72 ± 0.83 ND
Extractives (%)* ND 8.27
Total Lignin (%)* ND 16.52 ± 0.38
Cellulose (%)* ND 42.74 ± 0.06
Hemicellulose (%)* ND 27.99 ± 0.01

Standard deviation based on at least duplicate measurements.
* Dry basis; ND = Not determined; C/N = carbon nitrogen ratio.

Table 2
Composition and experimental results at different batch digestion setup Volume and cost of textile reactor needed for the different scenarios and scales.

Setup Feedstock (g) Inoculum (g) Total Feedstock Reactor Mixture TS (%) Reactor Mixture VS (%)* Cumulative
Methane yield

Manure with
straw

Wheat straw TS (%) C/N In Out In Out (Nml/gVS)

Unacclimatized
inoculum

3478 235 17425 22 25 10 7.97 ± 0.02 66 65.10 ± 0.15 182.94

Acclimatized (Low
TS)

5000 86 20617 27 20 12 9.60 ± 0.12 69.2 64.60 ± 0.06 207.03

Acclimatized (High
TS)

7021 473 14516 30 25 17 13.39 ± 1.15 72.4 65.5 ± 0.16 289.86

Volume of textile reactor (m3) Cost of textile reactor ($)

Scenario 3 tons/year 5200 tons/year 51000 tons/year 3 tons/year 5200 tons/year 51000 tons/year
Unacclimatized

inoculum
19 33 687 330 392 2 915 3 368 698 23 127 405

Acclimatized (Low
TS)

14 24 202 237 367 2 094 2 420 208 16 615 659

Acclimatized (High
TS)

9 14 871 145 853 1 287 1 487 124 10 209 675

* Dry basis.
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the payback period for all dry anaerobic digestion scenarios considered
were all less than 3.5 years, indicating that using the textile bioreactor
for dry digestion is more profitable than composting or waste collection
by waste managers for small scale farmers. As the farm scale increased,
dry anaerobic digestion in the textile bioreactor would still be the most
profitable method of handling solid waste, particularly dry anaerobic
digestion after long inoculum acclimatization which had a payback

period of 5 years or less for all cases considered.

3.5.2. Net present value and internal rate of return
The result for the net present value (NPV) and internal rate of return

(IRR) calculated for the different scenarios using an interest rate of
7.8% are shown in Fig. 4. For the first year, the annual profit was
multiplied by 0.627 for scenario A (1 – delay fraction used for PBP

Table 5
Sensitivity analysis on replacing composting with dry anaerobic digestion.

Replacing composting with dry anaerobic digestion

Base case

Net present value (NPV) ($) Internal rate of return (IRR) (%)

Small scale Mid-scale Large scale Small scale Mid-scale Large scale

Scenario A 5320 −733,125 −5,948,401 31.44 4.00 3.32
Scenario B 6152 428,723 1,874,533 40.83 10.47 9.48
Scenario C 6959 1,553,297 9,783,711 56.62 20.53 19.31

20% less textile reactor cost

NPV ($) IRR (%)

Small scale Mid-scale Large scale Small scale Mid-scale Large scale

Scenario A 6086 151,842 127,233 39.86 8.7 7.91
Scenario B 6698 1,059,041 6,373,146 50.09 15.38 14.37
Scenario C 7291 1,937,377 12,420,569 67.1 26.02 24.48

20% more textile reactor cost

NPV ($) IRR (%)

Small scale Mid-scale Large scale Small scale Mid-scale Large scale

Scenario A 4555 −1,618,091 −12,024,036 25.47 0.26 −0.37
Scenario B 5607 −201,595 −2,281,603 34.2 6.68 5.95
Scenario C 6627 1,169,216 7,146,853 48.95 16.37 15.35

20% less auxiliary equipment cost

NPV ($) IRR (%)

Small scale Mid-scale Large scale Small scale Mid-scale Large scale

Scenario A 5343 −693,487 −5,559,649 31.61 4.20 3.60
Scenario B 6174 467,841 2,429,422 41.09 10.72 10.00
Scenario C 6981 1,591,915 10,162,472 57.09 20.97 19.91

20% more auxiliary equipment cost

NPV ($) IRR (%)

Small scale Mid-scale Large scale Small scale Mid-scale Large scale

Scenario A 5298 −772,762 −6,337,153 31.26 3.81 3.05
Scenario B 6130 389,606 1,662,121 40.57 10.21 9.29
Scenario C 6937 1,514,678 9,404,950 56.15 20.11 18.73

20% less waste generation

NPV ($) IRR (%)

Small scale Mid-scale Large scale Small scale Mid-scale Large scale

Scenario A 4331 −584,030 −4,758,721 31.8 4.02 3.32
Scenario B 4994 345,376 1,636,617 41.24 10.49 9.64
Scenario C 5637 1,244,965 7,826,969 57.1 20.55 19.31

20% more waste generation

NPV ($) IRR (%)

Small scale Mid-scale Large scale Small scale Mid-scale Large scale

Scenario A 6496 −876,045 −7,138,081 31.8 4.02 3.32
Scenario B 7491 518,064 2,454,926 41.24 10.49 9.64
Scenario C 8456 1,867,448 11,740,453 57.1 20.55 19.31

A dense substrate without innoculum acclimatization; B less dense substrate with short innoculum acclimatization; C less dense substrate with long innoculum acclimatization.
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3.5.1. Payback period
The payback period for replacing composting and using waste

managers are shown in Fig. 3 for the different scenarios considered. The
initial project delay time for the first anaerobic digestion batch com-
pletion for scenario A was 0.37 years (calculated by dividing the
number of needed for batch completion by 365), 0.64 for scenario B and
0.89 for scenario C. Replacing composting or the use of waste managers

by dry-AD in the textile reactor always resulted in a payback period less
than the proposed project life of 15 years. In addition, it can be ob-
served that the longer the acclimatizing time of the inoculum, the
shorter the payback period. Another possible explanation for the re-
duction in the payback period is that more amount of waste per year is
processed in scenario B compared to A, and scenario C processes the
most amount of waste per year. Considering the result for small scale,
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Fig. 3. Payback period if dry anaerobic digestion is used to
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(B) when there is; no inoculum acclimatization and dense
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calculation), 0.36 for scenario B and 0.11 for scenario C. Considering
waste disposal through waste managers, irrespective of inoculum ac-
climatization, dry anaerobic digestion is more profitable as evident by
the positive NPV’s. In addition, the IRR for all scales and scenarios
considered were from 30.1 to 69.6%, implying that dry anaerobic di-
gestion using the textile reactor would remain the most profitable op-
tion for all farm scale with or without inoculum acclimatization until
the interest rate in that country exceeds the IRR. Currently there are
only three countries in the world where the interest rate exceeds 30%,
and there is no country with an interest rate greater than 50% (World
Bank, 2017b) so the odds of solid waste management by using waste
managers becoming more profitable than dry anaerobic digestion in the
textile reactor is rear.

Comparing dry-AD to composting (Fig. 4), both the scale of waste
generation and the duration inoculum acclimatization influences what
option is more profitable. For small scale, irrespective of inoculum
acclimatization or the nature of the feed, dry-AD is more profitable than
composting as evident by the positive NPV’s and IRR greater than 33%.
As the scale of waste generation increases, the profitability of dry-AD in
the textile reactor over composting increases with the duration of the
acclimatization of the inoculum used, as evident by the increasing po-
sitive NPV’s and the increasing IRR from short to long inoculum ac-
climatization time at all scales. The minimum IRR for replacing com-
posting with dry anaerobic digestion when long acclimatization is used
was 19.3%, this indicates that the NPV would remain positive over a
high interest rate range, with it only becoming negative when the in-
terest rate in that country exceeds the IRR. In the cases where com-
posting was found to be a better option than anaerobic digestion be-
cause of negative NPV, the IRR were 4% or less indicating that the NPV
at those cases is sensitive to the interest rate assumed for the calcula-
tions, if an interest rate of 3% was used for the calculations all the
NPV’s will be positive. A 3% interest rate is feasible because there are
many countries whose current interest rate are 3% or less (World Bank,
2017b), using the interest rate of any of those countries would make
NPV of replacing composting with dry anaerobic digestion positive for
all scale with or without inoculum acclimatization.

3.6. Sensitivity analysis

The result from the sensitivity analysis calculations for replacing
composting with dry-AD is shown in Table 5. At small scale, the NPVs
were insensitive to a± 20% change in reactor cost, equipment cost and
the amount of waste generated. For cases that had a positive or negative
NPV in the base scenario, a± 20 % change in the cost of equipment and
amount of waste generated was not sufficient in changing the sign
notation of the NPV of any of the base cases. So, the profitability criteria
were not sensitive to a± 20% change in the cost of equipment and
amount of waste generated.

The profitability criteria for replacing composting with dry anae-
robic digestion at mid and large scale was sensitive to changes in the
cost of the textile reactor when short or no inoculum acclimatization
time was used. For the base case, the NPV of using scenario A for re-
placing composting with dry anaerobic digestion were negative at mid
(IRR = 4 %) and large scale (IRR = 3.32%), however, a 20% reduction
in the cost of the textile reactor made the NPV positive for both mid
(IRR = 8.7%) and large scale (IRR = 7.91%) scenarios. A 20% increase
in the cost of the textile reactor resulted in the positive NPV at the base
case of scenario B at mid (IRR = 10.47) and large scale (IRR = 9.48)
becoming negative for both mid (IRR = 6.68%) and large scale
(IRR = 5.95%). The sensitivity of the textile reactor cost for mid- and
large-scale scenario A and B cases would mean that using other reactors
more expensive than the textile reactor for dry-AD would not be eco-
nomical when compared with composting. However, replacing com-
posting with dry anaerobic digestion after long acclimatization (sce-
nario C) was not sensitive to a 20% change in the cost of the textile
reactor at all scales, as seen from the positive NPV in all cases and high

IRR values ranging from 15.35% to 67.1%. This indicates that dry
anaerobic digestion of solid farm waste in the textile reactor after a long
period of inoculum acclimatization is a more economical way of
handling the waste than composting.

4. Conclusion

Textile-based bioreactor is a cost-effective solution and the tech-
nology is simple to operate. It can be accessed easily by developing
countries where required expertise may not be available. For small scale
farm, irrespective of inoculum acclimatization or the nature of the feed,
dry-AD is more profitable than composting as evident by the positive
NPV’s and IRR greater than 33%. A long acclimatization period makes
dry-AD in the textile reactor more profitable than composting for small,
mid and large scale farms when handling solid waste as evident by the
positive NPV’s and IRR greater than 19%.
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1. Introduction 43 

The properties of the media in a bioreactor, such as temperature or concentration, can 44 

only be changed as a result of the motion of components in the media or the entire media. 45 

Hence the nature of fluid flow (rheology) in the bioreactor is important both in providing 46 

process conditions for optimizing productivity and in efficient bioreactor design (Doran, 47 

2013b; Gögus et al., 2006; Papagianni, 2004; Verma et al., 2007). In addition to rheology, the 48 

prevailing bioreactor hydrodynamic conditions also influences the efficiency of the 49 

bioreactor (Olmos et al., 2013; Papagianni, 2004), as it influences the mass transfer rate in the 50 

bioreactor, which in turn affects the product yield (Koutinas et al., 2003). A proper 51 

understanding of the rheological and hydrodynamic behavior during fermentation is 52 

important because rheological and hydrodynamic conditions can change with changes in 53 

substrate composition, biomass concentration and growth pattern, process conditions and 54 

process scale-up which in turn can affect the efficiency of the fermentation process.  55 

For several fermentative-based production processes such as biogas or bioethanol 56 

production, the bioreactor content is usually composed of solid liquid and gases. For proper 57 

mixing, mass transfer or aeration to be attained in those bioreactors, the resistance to flow 58 

(viscosity) has to be accounted for. The viscosity during the fermentation process could be 59 

constant or change with time. For bioreactor with filamentous microorganisms, the media 60 

viscosity change with time following the pseudoplastic model, while bioreactors with other 61 

microorganisms become pseudoplastic after exceeding a biomass concentration threshold 62 

(Núñez-Ramírez et al., 2012; Olmos et al., 2013; Serrano-Carreón et al., 2015). The 63 

consistency index (K) and the flow behavior index or power law index (n) is used for 64 

describing the rheological behavior of pseudoplastic fluid. As the media viscosity change 65 

with biomass concentration, several authors report the consistency index and flow behavior 66 

index in the bioreactor as a function of the biomass concentration (Kumar & Dubey, 2017; 67 

Pamboukian & Facciotti, 2005; Queiroz et al., 1997). The reported rheology models were 68 

 

Abstract 23 

Reported rheology models are based on substrates that are Newtonian. However, several 24 

polymeric substrates used for fermentation display a pseudoplastic flow behavior at high 25 

solid content, with media rheology and bioreactor hydrodynamics influencing the 26 

fermentation effectiveness. This was investigated using a 1:1 mixture of hydrolyzed wheat 27 

straw and wheat-based thin stillage and filamentous fungi as inoculum in bubble column, 28 

airlift and a horizontal hybrid tubular/bubble column (textile bioreactor) bioreactors. During 29 

the growth phase, the rheological models showed that the consistency index was mainly 30 

dependent on biomass growth (R2 0.99) while the flow behavior index depended on both 31 

biomass growth and the suspended solid in the fermentation broth (R2 0.99). Oxygen 32 

transfer rate above 0.356 mmol-O2/L/h was needed for growing fungi in the media with a 33 

cube-root growth rate constant of 0.03 g1/3/L1/3/h. At 1.4 VVM aeration rate the textile 34 

bioreactor performed better than the other bioreactors with minimal foaming, ethanol yield 35 

of 0.22 ± 0.01 g/g, substrate consumption rate of 0.38 g/L/h and a biomass yield of 36 

0.47 ± 0.01 g/g after 48 h of fermentation. Operating the bioreactors with air flowrate to 37 

cross-sectional area ratio of 8.75 × 10-3 (m3/s/m2) or more led to sustained foaming. 38 

 39 

Keywords: Foaming; Oxygen transfer rate; Rheology model; Fungi growth kinetics; 40 

Viscosity; 41 
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2. Materials and Methods  96 

2.1. Microbial culture 97 

A fungal strain Neurospora intermedia CBS 131.92 (Centraalbureau voor 98 

Schimmelcultures, Netherlands), an edible ascomycete, was used in this study (Nair & 99 

Taherzadeh, 2016). The fungal strain was maintained and inoculum preparation was 100 

followed using the methodology that was previously described elsewhere (Osadolor et al., 101 

2017). Inoculation was carried out either as fungal spores or as fungal biomass. A fungal 102 

spore concentration of 5.7 ± 1.8 × 105 spores/mL was used for inoculating shake flask media 103 

using 3-5 mL spore suspension per L medium, while mycelial filamentous fungi biomass 104 

concentration 0.3 ± 0.1 g/L (dry weight) was used for inoculating the airlift, bubble column 105 

and textile bioreactor. 106 

 107 

2.2. Substrate 108 

Wheat straw was pretreated in a 30 L one-step vertical plug-flow continuous reactor 109 

using acid concentration of 1.75 % (w/V), residence time of 10 min and temperature of 110 

190 ± 2 °C at Biorefinery Demo Plant (BDP, Örnsköldsvik, Sweden) and stored as 111 

previously described (Nair et al., 2017) before the experiments. The composition of the 112 

pretreated straw (g/g, dry basis) was; arabinan 0.048 ± 0.013, galactan 0.0053 ± 0.0015, 113 

glucan 0.315 ± 0.061, mannan 0.0047 ± 0.0011, and xylan 0.24 ± 0.08. Using cellulase 114 

enzyme Cellic CTec2 (Novozymes, Denmark) with 134 FPU /mL activity, the pretreated 115 

wheat straw, was hydrolysed using 7 % solid loading, pH of 5.0 ± 0.3, temperature of 50.0 ± 116 

0.2 °C and an enzyme loading of 10 FPU/g substrate dry weight in a water bath.  117 

Thin stillage used for the experiments were supplied from a wheat-based dry mill ethanol 118 

plant (Lantmännen Agroetanol, Norrköping, Sweden). This stillage with an initial pH of 3.5, 119 

was characterized with the composition of total solids (% w/v) 9.2 ± 0.4 and suspended 120 

 

based on substrates that were Newtonian, however, several polymeric substrates used for 69 

fermentation display a pseudoplastic flow from the beginning, which needs to be factored 70 

into the rheological models.  71 

Several bioreactor designs such as the continuous stirred tank bioreactor, the bubble 72 

column bioreactor, the airlift bioreactor with unique hydrodynamic conditions have been 73 

introduced overtime to aid both in overcoming the resistance due to high media viscosity of 74 

the pseudoplastic fermentation broth and to provide good conditions for microbial growth 75 

(Doran, 2013b). The airlift and bubble column bioreactors were introduced for fermentation 76 

applications with shear sensitive microorganisms such as filamentous fungi were mixing is 77 

carried out without mechanical stirrers (Kadic & Heindel, 2014). For fungi biomass 78 

production, aerobic fermentation is needed and a high oxygen transfer rate (OTR) is needed 79 

to eliminate the possibility of oxygen mass transfer limitation. Increasing the oxygen transfer 80 

rate into bioreactors also increases the tendency of foam formation and stabilization in the 81 

bioreactor which can affect productivity and yield (Delvigne & Lecomte, 2010). Overcoming 82 

this challenge is important as several important fermentation substrates such lignocellulosic 83 

or starch-based feedstock would have high viscosity at high solid content (Nair et al., 2018). 84 

In this work, rheological and hydrodynamic studies were carried out on the fermentation 85 

of a pseudoplastic substrate composed of hydrolyzed wheat straw and thin stillage using a 86 

filamentous fungi. The effect of the pseudoplastic nature of the substrate on the conventional 87 

rheological model was examined. Fermentation experiment were scaled up in three different 88 

bioreactor designs; a bubble column bioreactor, an airlift bioreactor and a bioreactor hybrid 89 

design between a horizontal tubular bioreactor and a bubble column (hereafter referred to as a 90 

textile bioreactor) which previously introduced and developed (Osadolor et al., 2015; 91 

Osadolor et al., 2014). Bioreactor hydrodynamic conditions for efficient OTR with 92 

minimized foaming for a fungal based fermentation of a pseudoplastic substrate was reported 93 

for the first time.   94 



 

liquid volume, distilled water equal to the volume of the liquid volume lost due to foaming 147 

was added to the bioreactors.    148 

 A textile bioreactor with working volume of 3.5 L previously described elsewhere was 149 

used for fermentation experiments (Jabbari et al., 2017; Osadolor et al., 2015; Osadolor et al., 150 

2014). A schematic representation of the textile based bioreactor is shown in Fig.1. The 151 

diameter of the perforations in the aeration tubing was 0.1 mm. The aeration tubing was 152 

coiled into six wounds at the bottom of the bioreactor to maximize oxygen transfer through 153 

the bioreactor and increase bubble collision frequency. The details of how this mixing 154 

strategy works has previously been described elsewhere (Osadolor et al., 2015).     155 

 156 

A schematic representation of the air bubbling pattern in the airlift, bubble column and 157 

textile bioreactors is shown in Fig. 2 with the arrows in the figure pointing to the direction the 158 

gas bubbles follow in the bioreactors 159 

 160 

2.5. Analytical methods 161 

The content of total solids (TS), suspended solids (SS), ash, starch, lignin, and sugars 162 

present in the lignocellulosic materials were quantified according to NREL (National 163 

Renewable Energy Laboratory) protocols [23-28]. Spore concentration was measured using 164 

a Bürker counting chamber (with a depth of 0.1 mm) under light microscope (Carl Zeiss 165 

Axiostar plus, Germany). The spore solution was diluted ten times before the measurement, 166 

and the spores were counted in a volume of 1/250 μl each. HPLC (Waters 2695, Waters 167 

Corporation, U.S.A.) was used to analyze all liquid fractions. A hydrogen-based 168 

ion-exchange column (Aminex HPX-87H, Bio-Rad Hercules, CA, U.S.A.) at 60°C with a 169 

Micro-Guard cation-H guard column (Bio-Rad) and 0.6 mL/min 5 mM H2SO4, used as 170 

eluent, was used for the analyses of glucose, ethanol, glycerol and acetic acid. Fungal 171 

biomass concentration (dry weight) was determined, at the end of the cultivation, by washing 172 

 

solids (% w/v) 2.2 ± 0.6 and (g/L) total nitrogen 4.8 ± 0.5; xylose 0.8 ± 0.1; arabinose 1.5 ± 121 

0.1; glycerol 7.0 ± 0.; lactic acid 1.8 ± 0.1; acetic acid 0.21 ± 0.01 and ethanol 1.2 ± 0.2. 122 

 123 

2.3. Fermentation in shake flask 124 

Hydrolyzed wheat straw at solid loading rate of 7.0 % was mixed with thin stillage (total 125 

solids 8%) at ratio 1:1 to form the fermentation slurry. The pH of the integrated media was 126 

adjusted to 5.5 with either 2 M HCl or 2 M NaOH and the media was autoclaved. 127 

Fermentation experiments were carried out using 50 and 100 ml integrated media volume in 128 

250 ml Erlenmeyer flasks for 120 h in an orbital shaking water bath (Grant OLS-Aqua pro, 129 

UK) at 150 rpm (with an orbital shaking radius of 9 mm and a flask diameter of 85 mm) at 35 130 

°C. Samples were taken every 24 h, centrifuged and the supernatant frozen at -20°C until 131 

analyzed. 132 

 133 

2.4. Fermentation in bioreactors 134 

Fermentation experiments were carried out aerobically in a bubble column bioreactor, an 135 

airlift bioreactor and a textile bioreactor using the fungus as fermenting microorganism to 136 

compare the effect of different bioreactor design on the media fermentation. The air supplied 137 

to the bioreactors was filtered using a polytetrafluoroethylene (PTFE) membrane filter (0.1 138 

μm pore size, Whatman, Florham Park, NJ, USA). For the airlift and bubble column 139 

bioreactors; fermentation of the media was carried out in a 4.5-L bench scale bioreactor 140 

(Belach Bioteknik, Sweden), with a working volume of 3.5 L. To make the bioreactor 141 

function as an airlift bioreactor, an internal loop with cylindrical geometry with a diameter 58 142 

mm, height 400 mm and thickness 3.2 mm was put in it. The bioreactor had a sintered 143 

stainless-steel air-sparger with a pore size of 90μm at its bottom, which was used for aerating 144 

the bioreactor at 1.4 VVM (volume per volume per minute) throughout the duration of the 145 

fermentation unless otherwise stated. To maintain the airlift and bubble column bioreactor 146 



 

ranging from 0 to 85 1/s, with apparent viscosity readings ranging from 12 and 30000 cP). 196 

The rheological parameters (the consistency index K (Pa.sn) and flow behavior index n) were 197 

calculated from the apparent viscosity µa (Pa.s) using the pseudoplastic power law 198 

relationship as shown in equations 4 and 5, where γ is the shearing rate (1/s) and τ is the shear 199 

stress (Pa). 200 

µa = Kγn-1 = 𝜏𝜏𝜏𝜏 
𝛾𝛾𝛾𝛾
 (4) 

Log µa = Log K + (n-1) Log γ (5) 

For SSA-18 and SSA-31 spindles the shearing rate can be calculated using equation 6, where 201 

ω is the spindle rotational speed (RPM) (Durgueil, 1987).  202 

γ = ωπ/10 (6) 

 203 
2.8. Hydrodynamics study 204 

Using the assumption that oxygen transfer into microorganisms occur through molecular 205 

diffusion (Garcia-Ochoa & Gomez, 2009), the oxygen transfer rate (OTR) in mmol-O2/L/h 206 

into a bioreactor can be determined using equation 7, where kLa  is the volumetric oxygen 207 

mass transfer coefficient (1/h), C* is the saturated oxygen concentration in the liquid phase 208 

(mmol-O2/L) and Co is dissolved oxygen concentration in the bulk liquid (mmol-O2/L).  209 

OTR = kLa (C* - Co) (7) 

For shake flask, the OTR can be calculated using a modified version of the OTR empirical 210 

relationship (equation 8) developed by Auro et al. (1957) when viscosity and shake flask 211 

frequency are factored in (Garcia-Ochoa & Gomez, 2009; Liu et al., 2006). Where f is the 212 

shake flask frequency (rpm), fo is the reference shake flask frequency (96 rpm), bi = 1.468, 213 

mi = 7.9 × 10-5, VF is the volume of the flask (mL), ms = - 0.94, VL is the liquid volume in 214 

the flask (mL), bs = 1.657, µao is viscosity of the media at reference condition (1 cP), and c 215 

is a constant number between -0.7 to -0.4.     216 
 

the fungi biomass with deionized water followed by drying at 105 °C for 24 h before weight 173 

measurement. For the kinetic study, biomass was harvested daily to determine the biomass 174 

concentration. Error bars were calculated from the standard deviation of two experimental 175 

replicates.  176 

 177 

2.6. Fungi growth kinetics 178 

 Under non-limiting conditions the growth-rate of any microorganism can be described 179 

using equation 1 where X is the dry weight of cells (g/L), t is time (h) and µ is the specific 180 

growth rate (1/h). 181 

dX/dt = µX, (1) 

The specific growth rate can be defined in terms of the maximum specific growth rate µm 182 

(1/h), saturation constant Ks (g/L) and the substrate concentration S (g/L) using the Monod 183 

kinetic model (equation 2).  184 

µ =  µ𝑚𝑚𝑚𝑚 
𝑆𝑆𝑆𝑆

𝑆𝑆𝑆𝑆 + 𝐾𝐾𝐾𝐾𝑠𝑠𝑠𝑠
 (2) 

However, filamentous fungi growth conditions tend to be limiting and the growth kinetics is 185 

then best represented using the cube root law (Feng et al., 2010) as shown in equation 3, 186 

where X0 is the starting biomass concentration (g/L), t is time (h) and kx is a constant 187 

(g1/3/L1/3/h).   188 

X1/3 = kxt + X0
1/3 (3) 

 189 
2.7. Rheological studies 190 

Viscosity was measured offline using a Brookfield digital viscometer-model DV-E 191 

(Chemical Instruments AB, Sweden). The spindle rotational speed of the viscometer was 192 

varied at least four times between 30 and 100 rpm for every viscosity measurement. The 193 

spindles used for the analysis were SSA-18 (with a shear rate ranging from 0 – 330 1/s, with 194 

apparent viscosity readings ranging from 1.3 to 30000 cP) and SSA-31 (with a shear rate 195 



 

3. Results and Discussion 228 

The rheological and hydrodynamic conditions in a bioreactor can affect the productivity 229 

and product yield from a bioreactor particularly for bioreactors with viscous media, 230 

microbial growth resulting in pseudoplastic flow conditions and under aerobic conditions 231 

(Garcia-Ochoa & Gomez, 2009; Núñez-Ramírez et al., 2012; Olmos et al., 2013; 232 

Serrano-Carreón et al., 2015). In addition, as the rheological and hydrodynamic conditions in 233 

a bioreactor changes during the fermentation process, researchers have used rheological 234 

models to describe how the consistency index and the behavior index changes with the 235 

biomass concentration (Kumar & Dubey, 2017; Pamboukian & Facciotti, 2005; Queiroz et 236 

al., 1997). However, the reported models for fermentation in bioreactors have been for 237 

substrates that were Newtonian from the beginning (Pamboukian & Facciotti, 2005; Queiroz 238 

et al., 1997). As several polymeric fermentation substrate such as lignocellulosic or starch 239 

based feedstocks would follow a pseudoplastic flow model at high solid content or in the 240 

presence of several metabolites (Baudez & Coussot, 2001; Um & Hanley, 2008), it is 241 

important that this is factored into the rheological models. In terms of bioreactor 242 

hydrodynamics, the design of the bioreactor can be used in improving the efficiency of 243 

pseudoplastic fermentation processes. The results gotten from rheological and hydrodynamic 244 

studies that were carried out on a pseudoplastic media substrate composed of hydrolyzed 245 

wheat straw and thin stillage using a filamentous fungus in an airlift, bubble column and 246 

textile bioreactor were discussed in the subsequent subsections.  247 

 248 

3.1. Viscosity and Fungi growth profile in the integrated media 249 

An important rheological parameter in any bioreactor is the apparent viscosity of the 250 

fermentation broth. Knowing the viscosity profile during fermentation can help in 251 

maintaining optimal process conditions during fermentation. This is because changes in 252 

 

OTR = 8.46(µa / µao)c (f/fo)0.88 [bi (10miVF )  (10 -bsVLVFms
)] (8) 

 As there are no stirrers to break foams formed in the bioreactors examined, the foam 217 

rise velocity (Vfoam) out of the liquid in the bioreactor is a function of the gas rise velocity 218 

(Vg) as shown in equation 8, where G is the air flow rate (m3/s) and S is the bioreactor 219 

cross-sectional area (Delvigne & Lecomte, 2010). 220 

Vfoam = f (Vg) = f (G/S), (9) 

The oxygen transfer rate to the bioreactor is highly associated with foam formation 221 

tendencies in a bioreactor. The relationship between the volumetric oxygen mass transfer 222 

coefficient and the operating conditions (air flow rate) in the bioreactors without mechanical 223 

stirrers is shown in equation 10, where C and α are constants based on the bioreactor 224 

geometry and the hydrodynamic conditions in the bioreactor 225 

kLa = C (G/S)α, (10) 

 226 

  227 



 

process. The consistency index increased while the flow behavior index decreased up till 276 

72 h, afterwards the trend was reversed. The increase in the consistency index can be linked 277 

to fungi growth occurring during the growth phase. The change in the flow behavior index 278 

can be linked to both biomass growth and the absorption of some of the solid particles from 279 

the fermentation liquid medium into the fungi. Filamentous fungi growth decreased the flow 280 

behavior index, while the absorption of the solid particles increased it. Hence the flow 281 

behavior index was increasing towards 1 from the 72nd h, when the fungi growth was 282 

approaching the stationary phase (Fig. 3b). 283 

Several authors have proposed that the consistency index (K) and flow behavior index 284 

(n) can be correlated with biomass concentration (X) using the relationship shown in equation 285 

11 and 12 (Kumar & Dubey, 2017; Pamboukian & Facciotti, 2005; Queiroz et al., 1997). The 286 

model parameters in equation 11 for the consistency index using experimental data for N. 287 

intermedia during the growth phase were A1 = 0.59 and B1 = 0.90 with R2 of 0.99, higher 288 

than the reported R2 of 0.94 for the model relationship for another ascomycete fungi 289 

Aspergillus awamori (Queiroz et al., 1997). For the flow behavior index, the model (equation 290 

12) had a poor correlation with the experimental data (R2 = 0.60), while a linear model 291 

(shown in equation 13) had a better correlation (R2 = 0.99) with the experimental data. The 292 

deviation of the observed flow behavior index from the model equation (equation 12) that has 293 

been used in literature could be explained considering that the substrate used by those authors 294 

were Newtonian at the beginning (Pamboukian & Facciotti, 2005; Queiroz et al., 1997), 295 

while the fermentation media used in this study was pseudoplastic, which agrees with the 296 

findings reported by Riley et al. (2000).          297 

K =A1 XB1 (11) 

n =E1 XF1 (12) 

n = 0.539 – 0.062X (13) 

 298 

 

viscosity of the fermentation media would affect mass and heat transfer, mixing efficiency, 253 

pumping requirement, product and substrate distribution, aeration and the overall economics 254 

of the fermentation process (Doran, 2013a). The viscosity and fungi growth profile during 255 

the fermentation of the integrated media is shown in Fig. 3. From the figure, it can be 256 

observed that increase in biomass concentration increases the viscosity of the media, with the 257 

media viscosity declining during the lag phase and the stationary phase.   258 

The growth kinetics of the fungus was investigated using 50 ml and 100 ml filling 259 

volume in shake flask cultivations as described in section 2.3. Fungi growth occurred for the 260 

50 ml flask while no fungi growth was observed for the 100 ml shake flask indicating that a 261 

high oxygen transfer rate (OTR) was needed to grow the fungi in the media. This can be 262 

attributable to the high initial viscosity of the media (Fig. 3a) as there is an inverse 263 

relationship between media viscosity and OTR (see equation 7). Using equation 3, the 264 

growth rate constant of the filamentous fungus in an integrated media of wheat straw and thin 265 

stillage was 0.03 g1/3/L1/3/h with an R2 of 0.973, which was similar to reported R2 value of 266 

0.948 when the cube root law model was used elsewhere (Feng et al., 2010). 267 

      268 

3.2. Rheology of the fermentation of the integrated media 269 

The consistency index (K) and the flow behavior index (n) are rheological parameters 270 

that can be used to understand how easy or difficult it is to control bioreactor process 271 

conditions related to fluid flow, such as mixing and oxygen transfer rate. Fig. 4 shows how 272 

the consistency index and flow behavior index changed with time during the fermentation of 273 

the media. The fermentation media exhibited a pseudoplastic flow behavior before the 274 

fermentation started (n = 0.52, K = 0.34 Pa.sn) which continued through the fermentation 275 



 

should be less than or equal to the OTR, and the reported OTR for shake flask where fungi 325 

growth was recorded were higher than 0.356 mmol-O2/L/h (Osadolor et al., 2017; Tang & 326 

Zhong, 2003). Different OTR was calculated using different values of viscosity exponent and 327 

it summarized in Table 1. As the OTR should be higher than 0.356 mmol-O2/L/h for 328 

N. intermedia growth to occur in the pseudoplastic media, only viscosity exponents -0.5 and 329 

-0.4 can be used in equation 8 to estimate the OTR into the fermentation media as the fungal 330 

growth was observed up to 96 h (Fig. 3b).       331 

For the same aeration rate of 1.4 volume per volume per minute (VVM), hydrodynamics 332 

effect was investigated in three different bioreactors designs namely; an airlift bioreactor, a 333 

bubble column bioreactor and a textile bioreactor. This high aeration rate was used because 334 

the reported average OUR in aerobic bioreactors to prevent oxygen mass transfer limitation 335 

is 200 mmol-O2/L/h and also because of the high initial viscosity of the media (Benz, 2011). 336 

For the airlift and bubble column bioreactor foaming was observed throughout the duration 337 

of the fermentation despite the continual addition of antifoam. This led to a loss of 1.5 L and 338 

1.9 L of the fermentation media from the airlift bioreactor and bubble column bioreactor 339 

respectively. For the textile bioreactor, foaming was only observed during startup, antifoam 340 

was added and the bioreactor functioned without foaming. The better performance of the 341 

textile bioreactor than the airlift or bubble column bioreactor (with regards to foaming) can 342 

be explained using the foam rise velocity (equations 9 and 10). As the textile bioreactor had a 343 

higher cross-sectional area (0.050 m2) than the airlift and bubble column bioreactors (0.008 344 

m2), the gas rise velocity for the textile bioreactor was 6.25 times less than those from the 345 

airlift and bubble column bioreactors. The higher the gas rise velocity the higher the foam 346 

rise velocity (equation 9). Another explanation for the minimized foaming in the textile 347 

 

Substituting the equation for biomass growth (equation 3) into equation 11, the 299 

consistency index for the fungal growth in a pseudoplastic media can be estimated with time 300 

in a bioreactor during the growth phase. Similar analogy applies to the flow behavior index 301 

when equation 3 is put into equation 13. Doing this for a bioreactor with an initial biomass 302 

concentration of 0.3 g/L gave consistency index values from 0.2 to 3.8 Pa.sn and flow 303 

behavior index from 0.52 to 0.02, which were similar to the reported consistency and flow 304 

behavior index during the growth phase and pseudoplastic flow behavior pattern of the 305 

fermentation media of another ascomycete fungi (Queiroz et al., 1997).   306 

       307 

3.3. Hydrodynamics of the fermentation of the integrated media  308 

Several factors such as stirring rate, aeration rate, gas hold-up time or volume, geometry 309 

of the bioreactor, media viscosity, sparger design affect the hydrodynamic conditions in a 310 

bioreactor (Olmos et al., 2013; Serrano-Carreón et al., 2015). For filamentous fungi, the use 311 

of stirrers increases the shear force in the bioreactor which could damage the cell wall 312 

(Serrano-Carreón et al., 2015). To eliminate this, mixing was carried out only via aeration in 313 

this study. Hence only hydrodynamic factors related to aeration (oxygen transfer rate and 314 

foam formation) were investigated using shake flask and bioreactor cultivations.  315 

For shake flask fermentation of the media, the oxygen transfer rate (OTR) was calculated 316 

using equation 8. Using the reported values of the viscosity exponent (c) in literature which 317 

ranged from -0.4 to -0.7, the OTR on the commencement of the fermentation of the 318 

integrated media when a filling volume of 100 mL was used in 250 mL flask would be from 319 

0.088 to 0.356 mmol-O2/L/h. However, no fungi growth was observed after 96 h of 320 

cultivation for that range of OTR. Under similar conditions growth was observed when 321 

50 mL filling volume was used for the fermentation in shake flasks. This could indicate that 322 

OTR values higher than 0.356 mmol-O2/L/h would be needed for growing the fungus in the 323 

pseudoplastic media. This is because for growth to occur, the oxygen uptake rate (OUR) 324 



 

3.4. Effect of rheology and hydrodynamics on substrate consumption and product formation 369 

As the rheological and hydrodynamic conditions during the fermentation of the media 370 

affected the media composition and fungi growth, they also influenced how well the 371 

fermentation process proceeded. Fig. 5 shows the product formation and substrate 372 

consumption in shake flask and three bioreactor designs. In the shake flask cultivations 373 

where there was no foaming there was an ethanol yield of 0.26 ± 0.01 g/g after 48 h and a 374 

biomass yield of 0.42 ± 0.01 g/g after 72 h. For the bioreactors, the textile bioreactor without 375 

foaming challenge had a better performance with highest ethanol yield of 0.22 ± 0.01 g/g, 376 

while it had a substrate consumption rate of 0.38 ± 0.01 g/L/h and a biomass yield of 377 

0.47 ± 0.01 g/g during the growth phase (fermentation period of 48 h). The high biomass 378 

yield could be attributed to the ability of the fungi to produce enzymes that aid it to 379 

assimilated some of the un-hydrolyzed solid into its cell wall (Ferreira et al., 2013).  380 

As an OTR higher than 0.356 mmol-O2/L/h was needed for growing the fungus and the 381 

substrate and product formation profile for both the shake flask cultivation and textile 382 

bioreactor cultivation were similar (Fig.5 a and b), so the OTR in the textile bioreactor was 383 

adequate at an aeration rate of 1.4 VVM. A high initial media viscosity meant that high 384 

aeration rate would be needed for fungi growth in the media. High aeration rate increased the 385 

gas rise velocity (equation 9), which increased the foam formation and stabilization 386 

tendencies as experienced in the airlift and bubble column bioreactor at an aeration rate of 1.4 387 

VVM. Continual addition of antifoam to a bioreactor reduces the OTR in bioreactors which 388 

could lead to oxygen mass transfer limitations (Hoeks et al., 2003; Yasukawa et al., 1991). 389 

Also, the loss of media from the bioreactors could also be a reason for the lower ethanol 390 

productivity from airlift and bubble column bioreactors. Despite that, the biomass yield from 391 

the airlift and bubble column bioreactors were 0.48 ± 0.01 g/g and 0.44 ± 0.02 g/g 392 

respectively after 48 h. Using an aeration rate of 1 VVM in the airlift bioreactor minimized 393 
 

bioreactor was the design of the sparger or aeration tubing in the bioreactor (Osadolor et al., 348 

2015). The aeration tubing was coiled into six wounds which increased the randomness of 349 

bubbles coming out of the aeration tubing (Fig. 2c), which would increase the bubble 350 

collision rate, increase bubble size, reduce the rising rate of the bubble and minimize foam 351 

stabilization (Delvigne & Lecomte, 2010). This also explained why there was less liquid 352 

medium loss (due to foaming) from the airlift bioreactor than the bubble column as the airlift 353 

bioreactor design has a down-comer liquid and gas stream which increases its bubble 354 

collision rate than the bubble column bioreactor.  355 

For a specific liquid up flow velocity, there tend to be a gas rise velocity above which 356 

foam formation and stabilization occurs (Guitian & Joseph, 1998). Because of the high 357 

viscosity of the fermentation media (with viscosity approximately 100 cP), the liquid up flow 358 

velocity would be lower than that for other non-viscous media, hence there would be higher 359 

tendencies for foam formation to occur in it at high aeration rate than other non-viscous 360 

media (Flores-Cotera & García-Salas, 2005). To investigate the aeration rate from which 361 

foam formation and stabilization began during the fermentation of the integrated media, 362 

fermentation was carried out using different aeration rate (from 0.8 VVM to 1.4 VVM) in the 363 

airlift bioreactor. Foam formation and stabilization occurred when the aeration rate had 364 

increased up to 1.2 VVM. So for a volumetric air flowrate to cross-sectional area ratio of 365 

8.75 × 10-3 (m3/s/m2) or higher foam formation and stabilization would occur during the 366 

fermentation of the media.  367 

  368 
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foam stabilization. This led to increased ethanol productivity by 34 % after 48 h but it 394 

resulted in reduced biomass yield of 0.43 g/g ± 0.01 after 72 h. 395 

 396 

4. Conclusions 397 

The rheological properties of a fermentation media composed of a 1:1 mixture of 398 

hydrolyzed wheat straw and thin stillage and the bioreactor hydrodynamics condition 399 

influenced the ethanol productivity, biomass concentration and substrate consumption rate. 400 

The high initial viscosity (93 ± 4 cP) of the fermentation media meant that an oxygen transfer 401 

rate higher than 0.356 mmol-O2/L/h was needed for fungi growth. High aeration rate resulted 402 

in foaming the bioreactors examined. The textile bioreactor with a gas rise velocity 6.25 403 

times less than the airlift and bubble column bioreactor had the best performance with 404 

minimal foaming, an ethanol yield of 0.22 ± 0.01 g/g, substrate consumption rate of 405 

0.38 ± 0.01 g/L/h and a biomass yield of 0.47 ± 0.01 g/g after 48 h of fermentation. 406 
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Fig. 1. Schematic representation of the textile bioreactor. 536 
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Tables and Figures 526 
 527 
 528 

 529 
Table 1. Estimated oxygen transfer rate (mmol-O2/L/h) during the fermentation of the 530 

integrated media in shake flask cultivations 531 

 532 
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Time (h) 
Oxygen transfer rate using different viscosity exponent 

(mmol-O2/L/h)  

 -0.7 -0.6 -0.5 -0.4 

0 0.279 0.438 0.690 1.085 

24 0.353 0.537 0.816 1.242 

48 0.130 0.228 0.399 0.701 

72 0.120 0.212 0.377 0.670 

96 0.107 0.193 0.348 0.628 



 

  

Fig. 3. Viscosity (a) and Fungi growth (b) profile during the fermentation of the 546 

integrated media in shake flask. 547 
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Fig. 2. Schematic representation of bubbling pattern in an airlift bioreactor (a), a bubble 541 

column bioreactor (b) and a textile bioreactor (c)   542 
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Fig. 5. Combined sugar concentration (♦) and ethanol concentration (■) with 556 

time during the fermentation of the integrated media in shake flask, textile 557 

bioreactor, airlift bioreactor and bubble column bioreactor. 558 
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      549 
Fig. 4. The consistency index (■) (primary axis) and flow behavior index (●) (secondary 550 

axis) profile during the fermentation of the integrated media. 551 
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